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Abstract: Spent sulfite liquor is an abundant but currently less used wastewater stream from the
pulp and paper industry. The recovery of lignin from this resource would provide an inexpensive
raw material for the manufacture of fuels and fine chemicals. Here we investigated the suitability
of ceramic hollow-fiber membranes for the concentration of spent sulfite liquor as an alternative
to common membrane technologies. We tested three ceramic hollow-fiber membranes (3, 8, and
30 nm) in different membrane processes (fed-batch and total recycle mode) and compared their
performance with the widely-used tubular membrane geometry. We also evaluated backflushing as
a strategy to reduce membrane fouling during filtration. The juxtaposition of the two membrane
geometries revealed that wall shear stress is the most important process parameter for the assessment
of membrane performance according to permeate flux. The higher the wall shear stress, the higher
the permeate flux. Due to the smaller inner diameter of the hollow-fiber membranes, higher wall
shear stress can be achieved more easily. Backflushing had no effect on the permeate flux during the
concentration experiments.

Keywords: ceramic hollow-fiber membrane; lignin treatment; lignin fractionation; lignosulfonate;
spent sulfite liquor; backflushing

1. Introduction

In 2015, global pulp production amounted to 178.8 million metric tons. In 2016 the European
pulp and paper industry consumed 109.0 million metric tons of renewable wood resources, producing
90.9 million metric tons of paper and 37.2 million metric tons of pulp. The majority of the pulp was
produced using the kraft or sulfite processes [1,2]. During paper production, lignin must be separated
from the raw material (cellulose) because it induces the yellowing of paper products [3]. Regrettably,
99% of the wastewater generated by the pulp and paper industry is incinerated in a recovery boiler to
produce energy and to recover coking chemicals [4–6]. A major component of this wastewater is lignin.
Approximately 49.5 million metric tons of lignin is burned in this way every year [2]. Lignin waste is
inexpensive and could be used to manufacture valuable products such as biofuels, vanillin, vanillic
acid, synthetic tannins or carbon nanotubes [7–10]. Accordingly, there is a strong and increasing
interest in the development of an economical and environmentally sustainable process to exploit this
unused resource.

Membrane filtration offers a unique combination of economy, scalability, and adaptability for
the recovery of lignin and the fractionation of wastewater from various industrial processes [11–15].
Ceramic membranes are particularly suitable for this purpose due to the extreme pH and high
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temperature of the wastewater if it is filtered immediately after removal from the recovery boiler [11,16].
Ceramic membranes are advantageous due to their outstanding chemical, thermal, and mechanical
stability [17,18].

Several membrane-bases techniques for the recovery and concentration of lignin containing
solutions have been developed over the last decades. Due to the wide dissemination of the
kraft process, most of the developed methods use black liquor as the raw material for lignin
recovery and only a small part use spent sulfite liquor for the recovery of lignin based structures.
Moreover, most studies investigate the usability of organic membranes (e.g. cellulose acetate [19],
polysulfone [19], fluoropolymer [19,20] polyethersulfone [20], regenerated cellulose [21]) for the
recovery of lignosulfonate. Different membrane geometries (flat disc [19,20,22], tubular [23,24]), as well
as different molecular weight cut-offs (1 kDa–0.8 µm [5,19–22,24,25]) were also well described in the
literature. The tubular membranes had inner diameters from 2 to 12,7 mm [5,23–26]. Nonetheless,
ceramic membranes and especially ceramic hollow-fiber membranes are underrepresented in the
current literature [11,27].

The most recent generation of innovative ceramic membranes exploit hollow-fiber geometry,
which achieves an active layer/volume ratio of up to 9000 m2·m−3, defined flow conditions, low
material costs relative to the active surface area, and low sintering energy and time requirements
due to the thinness of the membrane [17,28,29]. Unfortunately, ceramic hollow-fiber membranes
are also expensive to manufacture, brittle, and tend to block the flow channel [28]. These combined
disadvantages and advantages make it necessary to carry out comprehensive comparative tests of new
ceramic hollow-fiber membrane and conventional tubular ceramic membranes.

Here, we evaluated the filtration and concentration of spent sulfite liquor using ceramic
hollow-fiber membranes in order to improve our understanding of the filtration process and to
compare the filtration performance of different membrane geometries.

2. Experimental

2.1. Materials

2.1.1. Membranes

Four different ceramic membranes with molecular weight cut-off (MWCO) values of 20 kDa,
30 nm, 8 nm, and 3 nm were evaluated in this study. The hollow-fiber membranes were manufactured
by Mann+Hummel GmbH, Ludwigsburg, Germany and the tubular membrane was manufactured by
atech innovations GmbH, Gladbeck, Germany. The properties of each membrane are summarized in
Table 1.

Table 1. Properties of the ceramic membranes compared in this investigation.

Cut-Off Manufacturer
Material

Active Layer
Inner Surface

Length
(m)

Inner
Diameter

(mm)

Membrane
Geometry

Membrane
Area (m2)

Pure Water Flux
(L·m−2·h−1·bar−1)

20 kDa atech
innovations Al2O3 0.25 6 Tubular 0.0047 262

3 nm Mann+Hummel TiO2 0.25 2 Hollow fiber 0.0038 49
8 nm Mann+Hummel TiO2 0.25 2 Hollow fiber 0.0030 251

30 nm Mann+Hummel Al2O3 0.25 2 Hollow fiber 0.0038 563

2.1.2. Spent Sulfite Liquor

The spent sulfite liquor was kindly supplied by Sappi Stockstadt Mill, Stockstadt am Main,
Germany, which annually produces up to 445,000 metric tons of fine paper and 145,000 metric tons of
pulp [30]. Spent sulfite liquor from the acidic magnesium-based sulfite pulping of beech has a pH of 2.7,
a lignosulfonate concentration of 92 g·L−1 and was withdrawn before entering the evaporation unit.
A detailed analysis of the spent sulfite liquor from a different charge (but the same mill) is presented in
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Table 2. The composition and the concentration of different spent sulfite liquors from different pulp
mills can vary considerably depending on the raw materials and pulping conditions [11].

Table 2. Characterization of spent sulfite liquor.

Component Value

Density (20 ◦C) 1060 kg·m−3

pH (20 ◦C) 2.7
Dry residue (after 72 h at 105 ◦C) 12.5%

Ignition loss (550 ◦C) 88.8%
Chemical oxygen demand 138.3 mg·kg−1

Glucose 0.39 g·kg−1

Xylose 11.48 g·kg−1

Galactose and rhamnose 1.02 g·kg−1

Arabinose 0.20 g·kg−1

Mannose 0.56 g·kg−1

Methanol 320 mg·kg−1

Ethanol 50 mg·kg−1

Hydroxymethylfurfural 24 mg·kg−1

Acetic acid 9.0 g·kg−1

2.2. Methods

2.2.1. Quantification of Lignosulfonate

The lignosulfonate concentration in the permeate and retentate was determined by measuring the
absorbance using a BioSpectrometer Basis spectrophotometer (Eppendorf, Hamburg, Germany). The
absorbance was measured at 208 nm to minimize absorbance by furfural and hydroxymethylfurfural.
Furthermore, the absorbance of lignosulfonate is pH-dependent [31,32]. Therefore, all lignosulfonate
samples were diluted in phosphate buffer (0.25 mM potassium dihydrogen phosphate, 0.25 mM
disodium hydrogen phosphate, chemicals from Merck, Darmstadt, Germany). Calcium lignosulfonate
was used as an external standard. To evaluate membrane performance, the lignosulfonate retention
(R) was calculated using Equation (1), where cp and cr are the lignosulfonate concentrations in the
permeate and retentate, respectively.

R =

(
1−

cp

cr

)
× 100 (1)

2.2.2. Zeta Potential

The zeta potential of the ceramic powders (received from the membrane manufacturers) were
determined (Zetasizer Nano ZS90, Malvern Panalytical GmbH, Kassel, Gemany) in aqueous suspension
by electrophoretic mobility of the powder particles in an electric field. The measurement was repeated
three times and the arithmetic mean is represented in the results. The pH-Value was adjusted with
hydrochloric acid and sodium hydroxide.

2.2.3. Membrane Filtration

The laboratory-scale cross-flow ceramic membrane filtration system comprised a 2.5-L feed tank,
a variable-volume source feed tank, a rotary vane pump, a heat exchanger, a backflushing system,
a control and feedback control system, and the filtration unit (Figure 1). Severe pressure, level, and
flow sensors were included to control and record the filtration parameters. All membrane filtration
system components in direct contact with the feed were constructed from stainless steel.
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Figure 1. Schematic illustration of the laboratory-scale cross-flow ceramic membrane filtration system.
Abbreviations: L = level, T = temperature, P = pressure, F = flow, I = indicator, C = controller.

The cross-flow ultrafiltration/nanofiltration of the spent sulfite liquor was carried out either in
total recycle mode (TRM) or as a fed-batch process with or without backflushing. The feed/retentate
temperature was 60 ◦C, the cross-flow velocity (CFV) was 1–6 m·s−1 and the transmembrane pressure
(TMP) was 0.5–7.0 bar. The TMP was calculated using Equation (2), where Pin and Pout represent the
pressure at the inlet and outlet of the membrane module, respectively [33].

TMP =
Pin + Pout

2
(2)

For the TRM experiments, a feed mass of 1000 g spent sulfite liquor was introduced into the
filtration system (both preheated to 60 ◦C) and the CFV was selected so that the Reynolds number
for each membrane geometry was comparable (2827, 5653, 11,307 or 16,960). When the permeate flux
became constant, the TMP was increased to the next level, starting at 1 bar and increasing stepwise to
2, 3, 4, 5, and finally 6 bar. The fed-batch experiments were carried out with an initial feed mass of 2.5
kg, again with the feed and filtration system preheated to 60 ◦C. Unfiltered spent sulfite liquor was
added when a volume reduction of approximately 80% was achieved. The fed-batch mode was chosen
to investigate the possibility of a continuous filtration. The TMP and CFV were kept constant at 3 bar
and 6 m·s−1, respectively. During the backflush experiments, the TMP was reversed (values between
−2 and −7 bar). The time between backflushes varied from 0.5 to 4.0 h.

2.2.4. Comparison of Different Membrane Geometries

In each experiment, we compared two membranes with similar MWCO values but different
inner diameters. When comparing membranes with the same geometry, the filtration parameters
(CFV, temperature, and TMP) can be standardized, but this is not possible when comparing different
geometries because differences in the inner diameter shift the internal force in relation to the viscous
force. The relation between these forces is the Reynolds number [34,35]. Accordingly, the experiments
were initially performed with the same Reynolds number, calculated using Equation (3) where ρ is the
density, υ is the CFV, and η is the dynamic viscosity.

Re =
ρ·υ·d

η
(3)
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Moreover we carried out experiments with the same wall shear stress, calculated using Equation
(4) where τw is the wall shear stress, ρ is the density, v is the cross-flow velocity, and λ is the drag
coefficient. The drag coefficient was calculated as a function of the Reynolds number (Re), the inner
diameter (d, and the roughness of the membrane surface (k) according to the flow regime [36]. If the
flow was laminar (Re ≤ 2320) we used Equation (5). If the flow was turbulent and hydraulically
smooth (2320 < Re < 105) we used Equation (6). In the transition area (65 d/k < Re < 1300 d/k) we
used Equation (7). Finally, if the flow was turbulent and hydraulically rough (Re > 1300 d/k) we used
Equation (8).

τw = λ·ρ·v
2

2
(4)

λ =
64
Re

(5)

1√
λ
= 2·log

(
Re·
√

λ
)
− 0.8 (6)

λ =
1[

2·log
(

2.51
Re·
√

λ
+ 0.27

d
k

)]2 (7)

1√
λ
= 1.74− log

(
2k
d

)
(8)

2.2.5. Membrane Cleaning

The ceramic membranes were cleaned before and after every filtration using a 1 wt% solution of
the alkaline cleaning agent P3 Ultrasil 14 (Ecolab Deutschland GmbH, Monheim am Rhein, Germany).
Cleaning was performed at a feed temperature of 60 ◦C with a TMP of 1 bar and a CFV of 1 m·s−1 for
at least 3 h. After cleaning, the membrane was rinsed with pure water and the pure water flux was
measured to evaluate the cleaning results.

3. Results and Discussion

3.1. Zeta Potential

In Table 3, the Zeta-potential values are discussed in combination with the flux results and
the fouling behavior in section “Comparison of Membrane Geometries” and “Total Recycle Mode
Filtration”. It is important to mention that the measured zeta potential did not reflect the actual
potential of the membrane surface during the filtration. The streaming potential would have had to be
measured for this purpose. Nonetheless, the measured zeta potential is an indication for the actual
surface charge of the membrane surface.

Table 3. Zeta potential of the inner membrane surfaces at pH 2 [37–39].

Material
Zeta Potential

Measured Literature

Al2O3 (33.9 ± 7.3) mV ~38 mV
TiO2 (26.6 ± 5.3) mV ~30 mV

3.2. Membrane Filtration

3.2.1. Total Recycle Mode Filtration

The TRM experiments were carried out to evaluate the relationship between the Reynolds
number, TMP, lignosulfonate retention, and the critical flux/pressure. The goal was to maximize the
lignosulfonate concentration by optimizing lignosulfonate retention with a high permeate flux.



Membranes 2019, 9, 45 6 of 16

The influence of TMP on the permeate flux was investigated at different Reynolds numbers. For all
four membranes, the flux increased in a non-linear manner with increasing TMP and tangentially
approached the limiting flux (Figure 2). The effect was more pronounced for membranes with a
lower MWCO and at higher Reynolds numbers. For the 8-nm membrane, a flux increase with
increasing TMP was observed at Reynolds numbers of 11,307 and 16,960. At lower Reynolds numbers,
increasing the TMP had no effect on the permeate flux. This effect was also observed for the 20-kDa
and 30-nm membranes at Reynolds numbers between 2827 and 16,960. The 20-kDa membrane
showed in opposition to the MWCO/pure water flux the lowest permeate flux. This is due to the
different wall shear stresses caused by different inner diameters. This behavior is discussed later in
“Comparison of Membrane Geometries”. The non-linear relationship with a leveling permeate flux
at higher TMPs indicated the formation of a gel layer [22,23,40–42]. As soon as the concentration on
the membrane surface reaches the gel layer concentration, a homonymous gel layer is formed. At this
point, the permeate flux is increasingly dominated by diffusion in the gel layer. An increase in the
TMP causes the gel layer to build up and therefore the hydraulic resistance increases [43]. Gel layer
formation is also promoted by the positive surface charge of the aluminum oxide/titanium oxide
membrane surface and the negative charge of the lignosulfonate molecules. The isoelectric point of
aluminum oxide is 8.3–9.5 and that of titanium oxide is 3.9–8.2 [37,44,45]. The strongly acidic pH of
the spent sulfite liquor (~2.7) induces a positive zeta potential at the membrane surface, whereas the
lignosulfonate molecules are primarily covered by sulfonic groups and a few hydroxyl groups. The
zeta potentials of lignosulfonate and aluminum oxide at pH 3 are approximately –43 mV and 38 mV,
respectively [37]. This results in the strong adsorption of lignosulfonate to the membrane surface and
thereby accelerates the formation of a gel layer [7,22,46]. The zeta potential values from the literature
are comparable to the measured zeta potentials (Table 3) of the inner active surface of the membrane
and support the argumentation about the fouling behavior of the membrane.

For the 30-nm, 8-nm, and 20-kDa membranes, the limiting flux and limiting pressure were reached
within the experimental parameters. It is conspicuous that the limiting flux/pressure was reached
later at higher Reynolds numbers and higher MWCO values, which reflects the MWCO-dependent
fouling behaviors of ceramic membranes during the filtration of polydisperse mixtures. According
to the resistance-in-series model, the loss of flux during filtration involves a combination of pore
blocking, adsorption on the membrane surface, concentration polarization, gel layer and cake layer
formation [25,47–50]. A higher MWCO facilitates the permeation of a greater lignosulfonate mass
fraction in the active layer. Ultimately, this increases the likelihood of pore blocking, which cannot be
prevented by increasing the Reynolds number. Accordingly, increasing the Reynolds number has less
effect on the permeate flux, as borne out by our experimental data.
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ceramic membrane.

The correlation between the TMP and lignosulfonate retention for all four membranes is shown in
Figure 3. As the TMP increased from 1 to 7 bar, the quantity of retained lignosulfonate increased from
~48 to ~63% for the 3-nm membrane, from ~32 to ~59% for the 8-nm membrane, from ~25 to ~37% for
the 30-nm membrane, and from ~27 to ~51% for the 20-kDa membrane. In many cases a decrease of
the lignosulfonate retention was observed at higher Reynolds numbers and higher transmembrane
pressures. This behavior may be caused by different phenomena. First, at high Reynolds numbers
and high transmembrane pressures the feed temperature slightly increased (~3 ◦C) reflecting the high
energy input of the rotary vane pump. This leads to higher lignosulfonate solubility and therefore
the retention decreased. Second, at the highest transmembrane pressures/Reynolds numbers the flux
was at its maximum. This may increase the concentration polarization of the retained lignosulfonate
molecules and decrease the lignosulfonate retention [51].

The greater retention reflected the compression of the probably formed gel layer at higher
pressures, thus causing more of the spent sulfite liquor to reach the membrane surface. This vicious
layer is responsible for the pre-sieving of the lignosulfonate molecules [6,16,42,52]. We found that the
Reynolds number made no significant difference to the quantity of retained lignosulfonate.

As expected, the retention decreased as the MWCO of the membranes increased. The lignosulfonate
molecules in the spent sulfite liquor have a high degree of polydispersity, and a greater proportion of
these lignosulfonate molecules can permeate the membrane as the MWCO increases. The retention
performance of the 8-nm hollow-fiber membrane and the 20-kDa tubular ceramic membrane
were comparable.
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3.2.2. Fed-Batch-Filtration

Fed-batch filtration experiments were carried out to evaluate the correlation between flux loss
and lignosulfonate retention during the concentration of spent sulfite liquor. This was achieved by
progressively reducing the feed volume (Table 4). Interestingly, the 8-nm hollow-fiber membrane
showed the highest initial flux (235 L·m−2·h−1), followed by the 30-nm membrane (218 L·m−2·h−1)
and the 3-nm membrane (160 L·m−2·h−1). It is likely that the pore size of the 30-nm membrane
combined with the molecular weight distribution of the lignosulfonate molecules promoted rapid pore
blocking, leading to the loss of flux more quickly compared to the 8-nm membrane. The lowest initial
flux was observed for the 20-kDa tubular membrane (94 L·m−2·h−1).
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Table 4. The flux through ceramic membranes given a feed volume reduction (VR) of 0%, 30%, 50%
or 80%. Process parameters: Re = 12,720, transmembrane pressure = 3 bar, and temperature = 60 ◦C.
The fluxes region at a VR of 80% results from different VR at one fed-batch experiment. Due to the
experimental setup it was not possible to achieve at every experiment a VR of 80% within the first VR.

Membrane 0% VR
(L·m−2·h−1)

30% VR
(L·m−2·h−1)

50% VR
(L·m−2·h−1)

80% VR
(L·m−2·h−1)

3 nm 160 128 106 40–35
8 nm 235 184 144 42–34
30 nm 218 156 147 97–91
20 kDa 94 64 51 12–11

When the feed volume was reduced by 30%, the 8-nm membrane achieved the highest flux
(184 L·m−2·h−1) followed by the 30-nm membrane (156 L·m−2·h−1) and the 3-nm membrane
(123 L·m−2·h−1). The 20-kDa membrane again showed the lowest flux (64 L·m−2·h−1). The loss of
flux at a volume reduction of 30% was therefore lowest for the 3-nm membrane (20%), followed by the
8-nm membrane (22%), the 30-nm membrane (28%) and finally the 20-kDa membrane (32%). A similar
trend was observed at a volume reduction of 50% for the three membranes with the lowest MWCO
values. The 3-nm membrane showed the lowest decline in flux (34%), followed by the 8-nm membrane
(39%) and the 20-kDa membrane (45%). However, in this case the 30-nm membrane (with the highest
MWCO) also showed a flux loss of 33%, indicating that fouling was less severe.

Multiple tests were carried out with the feed volume reduced by 80%, resulting in fluxes of
<40 L·m−2·h−1 for the 3-nm membrane, <42 L·m−2·h−1 for the 8-nm membrane, <97 L·m−2·h−1 for
the 30-nm membrane and <12 L·m−2·h−1 for the 20-kDa membrane (Table 4). The flux loss due to
additional spent sulfite liquor addition is comparatively low. It may be assumed that the flux loss is
primary caused by the increase of the viscosity. At a feed volume reduction of 80% the flux decreased
for the 3 nm membrane from 40 to 35 L·m−2·h−1, for the 8 nm membrane from 42 to 34 L·m−2·h−1, for
the 30 nm membrane from 97 to 91 L·m−2·h−1, and for the 20 kDa membrane from 12 to 11 L·m−2·h−1.
The absolute flux values at 80% volume reduction were particularly interesting. As expected, the
highest flux was observed for the membranes with the highest MWCO: ~97 L·m−2·h−1 for the 30-nm
membrane, 12 L·m−2·h−1 for the 20-kDa membrane, and similar values of ~40 and 42 L·m−2·h−1

for the 3-nm and 8-nm membranes, respectively. The flux was higher for the 8-nm membrane when
the volume reduction was smaller. Therefore, the flux loss due to membrane fouling after a volume
reduction of 50% was higher for the 8-nm membrane.

The lignosulfonate retention and permeate flux characteristics of each membrane after volume
reduction are summarized in Figure 4. As expected, lignosulfonate retention increased in line with
volume reduction [5,6]. For the 3-nm membrane, the retention increased from 46 to 68%, for the 8-nm
membrane the increase was 46 to 66%, for the 30-nm membrane the increase was 17 to 48%, and for the
20-kDa membrane the increase was 48 to 65%. The higher retention was caused by the buildup of a cake
layer on the membrane surface. This cake layer works as an additional filter and enhances rejection by
preventing smaller lignosulfonate molecule from passing through the membrane [5,7,49,53].
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Figure 4. Flux loss and lignosulfonate retention depends on volume reduction during the filtration of
spent sulfite liquor. (a) 3-nm ceramic hollow fiber membrane. (b) 8-nm ceramic hollow fiber membrane.
(c) 30-nm ceramic hollow fiber membrane. (d) 20-kDa ceramic tubular membrane. Process parameters:
Re = 12,720, transmembrane pressure = 3 bar, and temperature = 60 ◦C.

3.3. Comparison of Membrane Geometries

Next, we compared membrane geometries with different inner diameters, focusing on the 8-nm
hollow-fiber membrane and 20-kDa tubular ceramic membrane because of their similar MWCO values
(based on manufacturers’ specifications and the retention data acquired in our TRM experiments). Only
the flux values differed substantially in the TRM experiments, with the 8-nm hollow-fiber membrane
showing significantly higher fluxes than the 20-kDa tubular membrane under the same process
parameters. The comparable lignosulfonate retention at different fluxes may reflect the different pore
size distributions of the two membranes. Alternatively, the smaller inner diameter of the hollow-fiber
membrane may induce higher wall shear stress that inhibits the formation of a fouling layer on the
membrane surface. To evaluate the effect of wall shear stress on membrane performance, we conducted
TRM experiments with standardized wall shear stress. We maintained the same process parameters as
described above for the other TRM experiments except the CFV, which was modified to ensure the
same wall shear stress for each membrane.

We found that permeate flux was dependent on the TMP, and that both membranes performed
similarly except at the highest wall shear stress value (Figure 5). Increasing the wall shear stress
generally increased the flux by inhibiting the formation of a fouling layer on the membrane
surface [54–57]. As the wall shear stress levels increased beyond 63 Pa, the flux continued to increase
with TMP for the hollow-fiber membrane but not the tubular membrane. The flux increased at a wall
shear stress of 130 Pa (TMP = 7 bar) for the 20-kDa membrane was induced by an increase in the
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feed temperature, reflecting the high energy input of the rotary vane pump. The flux of the tubular
membrane at a wall shear stress of 130 Pa was the same as at 63 Pa. This behavior should be the subject
of subsequent studies.
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Figure 5. The relationship between transmembrane pressure and permeate flux for the 20-kDa tubular
ceramic membrane and the 8-nm hollow-fiber membrane during the filtration of spent sulfite liquor.

The flux differences at wall shear stresses exceeding 63 Pa may reflect the different production
methods for the two ceramic membranes. Hollow-fiber membranes are produced by spinning, and the
membrane structure is formed by phase inversion, which results in a finger-like pore structure in the
support layer and a sponge-like pore structure in the separation layer. In contrast, tubular ceramic
membranes are produced by dip-coating and have a consistent sponge-like pore structure. The inner
surface area is generally higher for membranes with a sponge-like pore structure, resulting in more
pronounced adsorption effects and a greater likelihood of fouling [58–64]. Our data show that the wall
shear stress is an important parameter for the evaluation of membrane performance in terms of the
permeate flux, especially when comparing different membrane geometries.

To confirm the flux behavior of the 20-kDa tubular ceramic membrane when the wall shear
stress exceeds 63 Pa, batch filtration experiments were conducted at wall shear stresses of 4–126 Pa
while maintaining a fixed feed temperature of 60 ◦C and a TMP of 3 bar (Figure 6). As indicated by
the TRM experiments, increasing the wall shear stress caused an increase in permeate flux even in
batch-filtration experiments. Furthermore, no increase in permeate flux was observed for wall shear
stresses greater than 65 Pa, resulting in comparable values at 65 and 126 Pa. Our data suggest that flux
behavior in batch filtration experiments can be predicted based on the outcome of TRM experiments.
However, we observed an important difference in terms of flux development at wall shear stresses of
65 and 126 Pa. When the volume is reduced by 50%, the flux drops more rapidly at a wall shear stress
of 126 Pa compared to 65 Pa. Due to the high wall shear stress, the thickness of the fouling layer is
reduced making the membrane surface more accessible and thus more susceptible to pore blocking.
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Figure 6. Flux loss is dependent on volume reduction during the filtration of spent sulfite liquor using
a 20-kDa tubular ceramic membrane at a transmembrane pressure of 3 bar, a feed temperature of 60 ◦C,
and at wall shear stresses of 4–126 Pa.

3.4. Backflushing

The permeate flux of the 3-nm and 30-nm hollow-fiber membranes were measured after filtration
for durations of 6100 and 375 min, respectively. The flux decline during this time is shown in
Figure 7. Both filtrations were carried out at a feed temperature of 60 ◦C, with a CFV of 6 m·s−1,
a Reynolds number of 12,876, a wall shear stress of 140 Pa, and a TMP of 3 bar. To evaluate the effect
of backflushing as a strategy to minimize membrane fouling and thus the loss of flux, we compared
backflushing for 5 s at TMPs ranging from −5 to −7 bar. We found that backflushing had no effect on
the permeate flux through the 30-nm and 3-nm membranes, indicating that inverting the permeate flux
had no measurable impact on membrane fouling. The strong absorption capacity of the fouling layer,
reflecting the substantial difference in zeta potential between the membrane surface and lignosulfonate
molecules, cannot be surmounted by the force of the reverse-flowing spent sulfite liquor permeate in
the membranes we tested. However, backflushing with permeate was shown to be an effective strategy
to prevent membrane fouling during the filtration of bleaching effluent [65–67]. Further studies are
therefore required to evaluate the effect of the magnitude of zeta potential differences on membrane
fouling and the backflushing cleaning effort.

3.5. Membrane Cleaning

Due to the high investment costs of ceramic hollow-fiber membranes, a successful and efficient
cleaning strategy is of great significance. Within the conducted experiments, irreversible membrane
fouling was not of great importance for the investigated membranes. Overall, the pure water flux
was, at its worst, 95% of the initial pure water flux. Nevertheless, it can be assumed, that irreversible
fouling is of great importance if the membrane is used over a long period [41,68].
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Figure 7. Membrane filtration performance during the filtration of spent sulfite liquor (feed temperature
= 60 ◦C, CFV = 6 m·s−1, Re = 12,876, τw = 140 Pa, TMP = 3 bar). (a) 30-nm ceramic hollow fiber
membrane. (b) 3-nm ceramic hollow fiber membrane (data gaps show where the filtration process was
interrupted overnight).

4. Conclusions

We have shown that it is possible to concentrate lignosulfonate from spent sulfite liquor using
ceramic hollow-fiber membranes. TRM and fed-batch experiments revealed that an increase in
the Reynolds number/wall shear stress leads to an increase of the permeate flux. Furthermore,
lignosulfonate retention increased with increasing TMP, volume reduction, and with decreasing
MWCO. The 3-nm ceramic hollow-fiber membrane achieved the highest lignosulfonate retention
(up to 69%), and at a volume reduction of 80% the flux loss was lower than that of the 8-nm ceramic
hollow-fiber membrane. The flux loss during concentration is mainly caused by an increase in
feed viscosity.

The comparison of the 8-nm ceramic hollow-fiber membrane and the 20-kDa tubular ceramic
membrane showed that wall shear stress is an important process parameter for the comparison of
membranes with different geometries. Moreover, the hollow-fiber membrane showed a significant
increase in flux compared to the tubular membrane when the wall shear stress exceeded 63 Pa.

In conclusion, ceramic hollow-fiber membranes are comparable with or even better than common
tubular ceramic membranes for the concentration of spent sulfite liquor. The hollow-fiber membranes
achieved comparable lignosulfonate retention and higher permeate flux when the wall shear stress
was increased. Moreover, hollow-fiber membranes have a higher ratio of active membrane surface to
membrane volume. Consequently, operation at a given wall shear stress is more energy-efficient and
therefore less expensive for ceramic hollow-fiber membranes compared to tubular membranes with a
larger inner diameter.

Author Contributions: D.H. wrote the paper, designed, and conducted the experiments. A.S. conducted the
experiments. M.E. and P.C. helped to draft and revise the manuscript. P.C. supervised the research as head of the
research program.

Funding: Gefördert durch die “Fachagentur Nachwachsende Rohstoffe e. V. (FNR)“ via dem Bundesministerium
für Ernährung und Landwirtschaft aufgrund eines Beschlusses des Deutschen Bundestages (FKZ: 22402816). This
work was funded by “Fachagentur Nachwachsende Rohstoffe e. V. (FNR)“ via the German Federal Ministry of
Food and Agriculture (BMEL) by a resolution of the German Federal Parliament (FKZ: 22402816).

Membranes 2018, 8, x FOR PEER REVIEW  14 of 17 

 

Funding: Gefördert durch die “Fachagentur Nachwachsende Rohstoffe e. V. (FNR)“ via dem 
Bundesministerium für Ernährung und Landwirtschaft aufgrund eines Beschlusses des Deutschen Bundestages 
(FKZ: 22402816). This work was funded by “Fachagentur Nachwachsende Rohstoffe e. V. (FNR)“ via the German 
Federal Ministry of Food and Agriculture (BMEL) by a resolution of the German Federal Parliament (FKZ: 
22402816). 

 

Acknowledgments: We acknowledge Dr. Richard M. Twyman for editing the manuscript, MANN + HUMMEL 
GmbH for supplying the ceramic membranes, and Sappi Stockstadt Mill for supplying the feed solutions.  

Conflicts of Interest: The authors declare no conflict of interest. 

References 

1. Confederation of European Paper Industries. Key Statistics 2016 European Pulp & Paper Industry. 
Available online: 
http://www.cepi.org/system/files/public/documents/publications/statistics/2017/KeyStatistics2016_Final.p
df (accessed on 25 March 2019) 

2. Busch, R.; Hirth, T.; Liese, A.; Nordhoff, S.; Puls, J.; Pulz, O.; Sell, D.; Syldatk, C.; Ulber, R. Nutzung 
nachwachsender Rohstoffe in der industriellen Stoffproduktion. Chem. Ing. Tech. 2006, 78, 219–228. 

3. Stephen Davidson, R.; Dunn, L.A.; Castellan, A.; Nourmamode, A. A study of the photobleaching and 
photoyellowing of paper containing lignin using fluorescence spectroscopy. J. Photochem. Photobiol. A Chem. 
1991, 58, 349–359. 

4. Pye, E.K. Industrial Lignin Production and Applications. In Biorefineries-Industrial Processes and Products; 
Wiley-VCH Verlag GmbH: Weinheim, Germany, 2006; Volume 2, pp. 165–200. 

5. Arkell, A.; Olsson, J.; Wallberg, O. Process performance in lignin separation from softwood black liquor by 
membrane filtration. Chem. Eng. Res. Des. 2014, 92, 1792–1800. 

6. Al-Rudainy, B.; Galbe, M.; Wallberg, O. Influence of prefiltration on membrane performance during 
isolation of lignin-carbohydrate complexes from spent sulfite liquor. Sep. Purif. Technol. 2017, 187, 380–388. 

7. Žabková, M.; da Silva, E.A.B.; Rodrigues, A.E. Recovery of vanillin from lignin/vanillin mixture by using 
tubular ceramic ultrafiltration membranes. J. Memb. Sci. 2007, 301, 221–237. 

8. Erik Axelsson; Olsson, M.R.; Berntsson, T. Increased capacity in kraft pulp mills: Lignin separation and 
reduced steam demand compared with recovery boiler upgrade. Nord. Pulp Pap. Res. J. 2006, 21, 485–492. 

9. Holladay, J.E.; White, J.F.; Bozell, J.J.; Johnson, D. Top Value-Added Chemicals from Biomass—Volume II-Results 
of Screening for Potential Candidates from Biorefinery Lignin; Pacific Northwest National Lab.: Richland, WA, 
2007; Volume 2. 

10. Xu, X.; Zhou, J.; Jiang, L.; Lubineau, G.; Payne, S.A.; Gutschmidt, D. Lignin-based carbon fibers: Carbon 
nanotube decoration and superior thermal stability. Carbon N. Y. 2014, 80, 91–102. 

11. Humpert, D.; Ebrahimi, M.; Czermak, P. Membrane Technology for the Recovery of Lignin: A Review. 
Membranes (Basel) 2016, 6, 42. 

12. Schoenherr, S.; Ebrahimi, M.; Schoenherr, S. Lignin Degradation Processes and the Purification of Valuable 
Products Lignin Degradation Processes and the Purification of Valuable Products; IntechOpen: London, UK, 2017; 
pp. 1–36. 

13. Costa, C.A.E.; Pinto, P.C.R.; Rodrigues, A.E. Lignin fractionation from E. Globulus kraft liquor by 
ultrafiltration in a three stage membrane sequence. Sep. Purif. Technol. 2018, 192, 140–151. 

14. Olsson, J. Separation of lignin and hemicelluloses from black liquor and pre-treated black liquor by 
nanofiltration. Dep. Chem. Eng. 2013, 2, 1–6. 

15. Bhattacharjee, S.; Datta, S.; Bhattacharjee, C. Performance study during ultrafiltration of Kraft black liquor 



Membranes 2019, 9, 45 14 of 16

Acknowledgments: We acknowledge Richard M. Twyman for editing the manuscript, MANN + HUMMEL
GmbH for supplying the ceramic membranes, and Sappi Stockstadt Mill for supplying the feed solutions.

Conflicts of Interest: The authors declare no conflict of interest.

References

1. Confederation of European Paper Industries. Key Statistics 2016 European Pulp & Paper Industry. Available
online: http://www.cepi.org/system/files/public/documents/publications/statistics/2017/KeyStatisti
cs2016_Final.pdf (accessed on 25 March 2019).

2. Busch, R.; Hirth, T.; Liese, A.; Nordhoff, S.; Puls, J.; Pulz, O.; Sell, D.; Syldatk, C.; Ulber, R. Nutzung
nachwachsender Rohstoffe in der industriellen Stoffproduktion. Chem. Ing. Tech. 2006, 78, 219–228.
[CrossRef]

3. Stephen Davidson, R.; Dunn, L.A.; Castellan, A.; Nourmamode, A. A study of the photobleaching and
photoyellowing of paper containing lignin using fluorescence spectroscopy. J. Photochem. Photobiol. A Chem.
1991, 58, 349–359. [CrossRef]

4. Pye, E.K. Industrial Lignin Production and Applications. In Biorefineries-Industrial Processes and Products;
Wiley-VCH Verlag GmbH: Weinheim, Germany, 2006; Volume 2, pp. 165–200.

5. Arkell, A.; Olsson, J.; Wallberg, O. Process performance in lignin separation from softwood black liquor by
membrane filtration. Chem. Eng. Res. Des. 2014, 92, 1792–1800. [CrossRef]

6. Al-Rudainy, B.; Galbe, M.; Wallberg, O. Influence of prefiltration on membrane performance during isolation
of lignin-carbohydrate complexes from spent sulfite liquor. Sep. Purif. Technol. 2017, 187, 380–388. [CrossRef]

7. Žabková, M.; da Silva, E.A.B.; Rodrigues, A.E. Recovery of vanillin from lignin/vanillin mixture by using
tubular ceramic ultrafiltration membranes. J. Memb. Sci. 2007, 301, 221–237. [CrossRef]

8. Axelsson, E.; Olsson, M.R.; Berntsson, T. Increased capacity in kraft pulp mills: Lignin separation and
reduced steam demand compared with recovery boiler upgrade. Nord. Pulp Pap. Res. J. 2006, 21, 485–492.
[CrossRef]

9. Holladay, J.E.; White, J.F.; Bozell, J.J.; Johnson, D. Top Value-Added Chemicals from Biomass—Volume II-Results
of Screening for Potential Candidates from Biorefinery Lignin; Pacific Northwest National Lab.: Richland, WA,
USA, 2007; Volume 2.

10. Xu, X.; Zhou, J.; Jiang, L.; Lubineau, G.; Payne, S.A.; Gutschmidt, D. Lignin-based carbon fibers: Carbon
nanotube decoration and superior thermal stability. Carbon N. Y. 2014, 80, 91–102. [CrossRef]

11. Humpert, D.; Ebrahimi, M.; Czermak, P. Membrane Technology for the Recovery of Lignin: A Review.
Membranes (Basel) 2016, 6, 42. [CrossRef] [PubMed]

12. Schoenherr, S.; Ebrahimi, M.; Schoenherr, S. Lignin Degradation Processes and the Purification of Valuable Products
Lignin Degradation Processes and the Purification of Valuable Products; IntechOpen: London, UK, 2017; pp. 1–36.

13. Costa, C.A.E.; Pinto, P.C.R.; Rodrigues, A.E. Lignin fractionation from E. Globulus kraft liquor by
ultrafiltration in a three stage membrane sequence. Sep. Purif. Technol. 2018, 192, 140–151. [CrossRef]

14. Olsson, J. Separation of lignin and hemicelluloses from black liquor and pre-treated black liquor by
nanofiltration. Dep. Chem. Eng. 2013, 2, 1–6.

15. Bhattacharjee, S.; Datta, S.; Bhattacharjee, C. Performance study during ultrafiltration of Kraft black liquor
using rotating disk membrane module. J. Clean. Prod. 2006, 14, 497–504. [CrossRef]

16. Wallberg, O.; Jönsson, A.-S. Separation of lignin in kraft cooking liquor from a continuous digester by
ultrafiltration at temperatures above 100 ◦C. Desalination 2006, 195, 187–200. [CrossRef]

17. Ebrahimi, M.; Kerker, S.; Daume, S.; Geile, M.; Ehlen, F.; Unger, I.; Schütz, S.; Czermak, P. Innovative ceramic
hollow fiber membranes for recycling/reuse of oilfield produced water. Desalin. Water Treat. 2015, 55,
3554–3567. [CrossRef]

18. Mulder, M. Basic Principles of Membrane Technology; KluwerAcademic Publishers: Dordrecht, The Netherlands,
1996; Volume 53.

19. Bhattacharya, P.K.; Todi, R.K.; Tiwari, M.; Bhattacharjee, C.; Bhattacharjee, S.; Datta, S. Studies on
ultrafiltration of spent sulfite liquor using various membranes for the recovery of lignosulphonates.
Desalination 2005, 174, 287–297. [CrossRef]

20. Restolho, J.A.; Prates, A.; de Pinho, M.N.; Afonso, M.D. Sugars and lignosulphonates recovery from
eucalyptus spent sulphite liquor by membrane processes. Biomass Bioenergy 2009, 33, 1558–1566. [CrossRef]

http://www.cepi.org/system/files/public/documents/publications/statistics/2017/KeyStatistics2016_Final.pdf
http://www.cepi.org/system/files/public/documents/publications/statistics/2017/KeyStatistics2016_Final.pdf
http://dx.doi.org/10.1002/cite.200500178
http://dx.doi.org/10.1016/1010-6030(91)87054-Y
http://dx.doi.org/10.1016/j.cherd.2013.12.018
http://dx.doi.org/10.1016/j.seppur.2017.06.031
http://dx.doi.org/10.1016/j.memsci.2007.06.025
http://dx.doi.org/10.3183/npprj-2006-21-04-p485-492
http://dx.doi.org/10.1016/j.carbon.2014.08.042
http://dx.doi.org/10.3390/membranes6030042
http://www.ncbi.nlm.nih.gov/pubmed/27608047
http://dx.doi.org/10.1016/j.seppur.2017.09.066
http://dx.doi.org/10.1016/j.jclepro.2005.02.004
http://dx.doi.org/10.1016/j.desal.2005.11.011
http://dx.doi.org/10.1080/19443994.2014.947780
http://dx.doi.org/10.1016/j.desal.2004.09.017
http://dx.doi.org/10.1016/j.biombioe.2009.07.022


Membranes 2019, 9, 45 15 of 16

21. Ringena, O.; Saake, B.; Lehnen, R. Isolation and fractionation of lignosulfonates by amine extraction and
ultrafiltration: A comparative study. Holzforschung 2005, 59, 405–412. [CrossRef]

22. Gönder, Z.B.; Arayici, S.; Barlas, H. Treatment of Pulp and Paper Mill Wastewater Using Utrafiltration
Process: Optimization of the Fouling and Rejections. Ind. Eng. Chem. Res. 2012, 51, 6184–6195. [CrossRef]

23. Fernández-Rodríguez, J.; García, A.; Coz, A.; Labidi, J. Spent sulphite liquor fractionation into
lignosulphonates and fermentable sugars by ultrafiltration. Sep. Purif. Technol. 2015, 152, 172–179. [CrossRef]

24. Wallberg, O.; Jönsson, A.S.; Wickström, P. Membrane cleaning—A case study in a sulphite pulp mill bleach
plant. Desalination 2001, 141, 259–268. [CrossRef]

25. Liu, G.; Liu, Y.; Ni, J.; Shi, H.; Qian, Y. Treatability of kraft spent liquor by microfiltration and ultrafiltration.
Desalination 2004, 160, 131–141. [CrossRef]

26. Jönsson, A.S.; Wallberg, O. Cost estimates of kraft lignin recovery by ultrafiltration. Desalination 2009, 237,
254–267. [CrossRef]

27. Samaei, S.M.; Gato-Trinidad, S.; Altaee, A. The application of pressure-driven ceramic membrane technology
for the treatment of industrial wastewaters—A review. Sep. Purif. Technol. 2018, 200, 198–220. [CrossRef]

28. Lee, M.; Wu, Z.; Wang, R.; Li, K. Micro-structured alumina hollow fibre membranes—Potential applications
in wastewater treatment. J. Memb. Sci. 2014, 461, 39–48. [CrossRef]

29. Tan, X.; Li, K. Inorganic hollow fibre membranes in catalytic processing. Curr. Opin. Chem. Eng. 2011, 1,
69–76. [CrossRef]

30. Sappi Stockstadt GmbH Stockstadt Mill. Available online: https://www.sappi.com/node/14786 (accessed
on 25 March 2019).

31. Yan, M.; Yang, D.; Deng, Y.; Chen, P.; Zhou, H.; Qiu, X. Influence of pH on the behavior of lignosulfonate
macromolecules in aqueous solution. Colloids Surf. A Physicochem. Eng. Asp. 2010, 371, 50–58. [CrossRef]

32. Deng, Y.; Wu, Y.; Qian, Y.; Ouyang, X.; Yang, D.; Qui, X. Adsorption and desorption behaviors of
lignosulfonate during the self-assembly of multilayers. BioResources 2010, 5, 1178–1196.

33. Strathmann, H. Trennung von Molekularen Mischungen mit Hilfe Synthetischer Membranen; Steinkopff:
Heidelberg, Germany, 1979.

34. Shapiro, A.; Jaffrin, M.; Weinberg, S. Peristaltic pumping with long wavelength at low Reynolds number.
J. Fluid Mech. 1969, 37, 799–825. [CrossRef]

35. Schlichting, H. Grenzschicht-Theorie; Springer: Berlin/Heidelberg, Germany, 2006.
36. Böswirth, L.; Bschorer, S. Technische Strömungslehre; Springer Fachmedien Wiesbaden: Wiesbaden, Germany,

2014.
37. Li, R.; Yang, D.; Guo, W.; Qiu, X. The adsorption and dispersing mechanisms of sodium lignosulfonate on

Al2O3 particles in aqueous solution. Holzforschung 2012, 67, 1–8. [CrossRef]
38. Xu, G.; Zhang, J.; Li, G.; Song, G. Effect of Complexation on the Zeta Potential of Titanium Dioxide

Dispersions. J. Dispers. Sci. Technol. 2003, 24, 527–535. [CrossRef]
39. Liao, D.L.; Wu, G.S.; Liao, B.Q. Zeta potential of shape-controlled TiO2 nanoparticles with surfactants.

Colloids Surf. A Physicochem. Eng. Asp. 2009, 348, 270–275. [CrossRef]
40. Wallberg, O.; Jönsson, A.-S.; Wimmerstedt, R. Fractionation and concentration of kraft black liquor lignin

with ultrafiltration. Desalination 2003, 154, 187–199. [CrossRef]
41. De, S.; Bhattacharya, P.K. Flux prediction of black liquor in cross flow ultrafiltration using low and high

rejecting membranes. J. Memb. Sci. 1996, 109, 109–123. [CrossRef]
42. Dafinov, A.; Font, J.; Garcia-Valls, R. Processing of black liquors by UF/NF ceramic membranes. Desalination

2005, 173, 83–90. [CrossRef]
43. Irmler, H.W. Dynamische Filtration mit keramischen Membranen; Vulkan Verlag: Essen, Germany, 2001.
44. Horiba Instruments. Isoelectric Point Determination (Application Note); Horiba Instruments: Kyoto, Japan,

2011.
45. Duscher, S. Ceramic membranes for the filtration of liquids: An actual overview. Filtr. Sep. Int. Ed. 2014,

13–21.
46. Huisman, I.H.; Vellenga, E.; Trägårdh, G.; Trägårdh, C. The influence of the membrane zeta potential on the

critical flux for crossflow microfiltration of particle suspensions. J. Memb. Sci. 1999, 156, 153–158. [CrossRef]
47. Satyanarayana, S.V.; Bhattacharya, P.K.; De, S. Flux decline during ultrafiltration of kraft black liquor using

different flow modules: A comparative study. Sep. Purif. Technol. 2000, 20, 155–167. [CrossRef]

http://dx.doi.org/10.1515/HF.2005.066
http://dx.doi.org/10.1021/ie2024504
http://dx.doi.org/10.1016/j.seppur.2015.08.017
http://dx.doi.org/10.1016/S0011-9164(01)85004-9
http://dx.doi.org/10.1016/S0011-9164(04)90003-3
http://dx.doi.org/10.1016/j.desal.2007.11.061
http://dx.doi.org/10.1016/j.seppur.2018.02.041
http://dx.doi.org/10.1016/j.memsci.2014.02.044
http://dx.doi.org/10.1016/j.coche.2011.08.004
https://www.sappi.com/node/14786
http://dx.doi.org/10.1016/j.colsurfa.2010.08.062
http://dx.doi.org/10.1017/S0022112069000899
http://dx.doi.org/10.1515/hf-2012-0108
http://dx.doi.org/10.1081/DIS-120021807
http://dx.doi.org/10.1016/j.colsurfa.2009.07.036
http://dx.doi.org/10.1016/S0011-9164(03)80019-X
http://dx.doi.org/10.1016/0376-7388(95)00188-3
http://dx.doi.org/10.1016/j.desal.2004.07.044
http://dx.doi.org/10.1016/S0376-7388(98)00328-7
http://dx.doi.org/10.1016/S1383-5866(00)00086-1


Membranes 2019, 9, 45 16 of 16

48. Accary, G.; Morvan, D.; Me, S. The Human Line-1 Retrotranspsons Creates DNA Double Strand Breaks.
Fire Saf. J. 2008, 93, 173–178.

49. Abdelrasoul, A.; Doan, H.; Lohi, A. Fouling in Membrane Filtration and Remediation Methods. In Mass
Transfer—Advances in Sustainable Energy and Environment Oriented Numerical Modeling; Pesek, K., Ed.; InTech:
London, UK, 2013.

50. Fan, R. Process Monitoring and Control Using Innovative Optical Sensors for Fermentative Lactic Acid Production in
Membrane Bioreactor System; Shaker Verlag: Herzogenrath, Germany, 2016.

51. Persson, T.; Jönsson, A.-S. Isolation of hemicelluloses by ultrafiltration of thermomechanical pulp mill
process water—Influence of operating conditions. Chem. Eng. Res. Des. 2010, 88, 1548–1554. [CrossRef]

52. Kekana, P.; Sithole, B.; Ramjugernath, D. Stirred cell ultrafiltration of lignin from black liquor generated from
South African kraft mills. S. Afr. J. Sci. 2016, 112, 1–7. [CrossRef]

53. Jönsson, A.-S.; Nordin, A.-K.; Wallberg, O. Concentration and purification of lignin in hardwood kraft
pulping liquor by ultrafiltration and nanofiltration. Chem. Eng. Res. Des. 2008, 86, 1271–1280. [CrossRef]

54. Chan, C.C.V.; Bérubé, P.R.; Hall, E.R. Relationship between types of surface shear stress profiles and
membrane fouling. Water Res. 2011, 45, 6403–6416. [CrossRef] [PubMed]

55. Cabassud, C.; Laborie, S.; Lainé, J.M. How slug flow can improve ultrafiltration flux in organic hollow fibres.
J. Memb. Sci. 1997, 128, 93–101. [CrossRef]

56. Le Berre, O.; Daufin, G. Skimmilk crossflow microfiltration performance versus permeation flux to wall
shear stress ratio. J. Memb. Sci. 1996, 117, 261–270. [CrossRef]

57. Hwang, K.-J.; Lin, S.-J. Filtration flux–shear stress–cake mass relationships in microalgae rotating-disk
dynamic microfiltration. Chem. Eng. J. 2014, 244, 429–437. [CrossRef]

58. Lee, M.; Wu, Z.; Li, K. Advances in ceramic membranes for water treatment. In Advances in Membrane
Technologies for Water Treatment; Elsevier: Amsterdam, The Netherlands, 2015; pp. 43–82.

59. Bottino, A.; Capannelli, G.; Comite, A.; Di Felice, R. Polymeric and ceramic membranes in three-phase
catalytic membrane reactors for the hydrogenation of methylenecyclohexane. Desalination 2002, 144, 411–416.
[CrossRef]

60. Bolduan, P.; Latz, M. Filtration by Means of Ceramic Membranes—Practical Examples from the Chemical
and Food Industries. Available online: https://pdfs.semanticscholar.org/cf37/6522f35b0586689ddd212ee7
b6521d781881.pdf (accessed on 25 March 2019).

61. Guillen, G.R.; Pan, Y.; Li, M.; Hoek, E.M.V. Preparation and Characterization of Membranes Formed by
Nonsolvent Induced Phase Separation: A Review. Ind. Eng. Chem. Res. 2011, 50, 3798–3817. [CrossRef]

62. Ehlen, F.; Schütz, S.; Unger, I.; Kariveti, S.; Wang, C.; Ebrahimi, M.; Kerker, S.; Czermak, P. Development of
Ceramic Hollow Fiber Membranes and their Application in Water/Oil Separation Processes. In Proceedings
of the 90th DKG Annual Meeting, Byreuth, Germany, 15–19 March 2015.

63. Schmeda Lopez, D.R. Morphological, Mechanical and Gas Transport Properties of Stainless Steel and Composite
Hollow Fibres; The University of Queensland: Brisbane, Australia, 2014.

64. Liu, S.; Li, K.; Hughes, R. Preparation of porous aluminium oxide (Al2O3) hollow fibre membranes by a
combined phase-inversion and sintering method. Ceram. Int. 2003, 29, 875–881. [CrossRef]

65. Ebrahimi, M.; Busse, N.; Kerker, S.; Schmitz, O.; Hilpert, M.; Czermak, P. Treatment of the Bleaching Effluent
from Sulfite Pulp Production by Ceramic Membrane Filtration. Membranes (Basel) 2015, 6, 7. [CrossRef]
[PubMed]

66. Redkar, S.; Kuberkar, V.; Davis, R.H. Modeling of concentration polarization and depolarization with
high-frequency backpulsing. J. Memb. Sci. 1996, 121, 229–242. [CrossRef]

67. Mores, W.D.; Davis, R.H. Yeast-Fouling Effects in Cross-Flow Microfiltration with Periodic Reverse Filtration.
Ind. Eng. Chem. Res. 2003, 42, 130–139. [CrossRef]

68. Weis, A.; Michael, B.; Marianne, N. The chemical cleaning of polymeric UF membranes fouled with spent
sulphite liquor over multiple operational cycles. J. Memb. Sci. 2003, 216, 67–79. [CrossRef]

© 2019 by the authors. Licensee MDPI, Basel, Switzerland. This article is an open access
article distributed under the terms and conditions of the Creative Commons Attribution
(CC BY) license (http://creativecommons.org/licenses/by/4.0/).

http://dx.doi.org/10.1016/j.cherd.2010.04.002
http://dx.doi.org/10.17159/sajs.2016/20150280
http://dx.doi.org/10.1016/j.cherd.2008.06.003
http://dx.doi.org/10.1016/j.watres.2011.09.031
http://www.ncbi.nlm.nih.gov/pubmed/22030085
http://dx.doi.org/10.1016/S0376-7388(96)00316-X
http://dx.doi.org/10.1016/0376-7388(96)00076-2
http://dx.doi.org/10.1016/j.cej.2014.01.076
http://dx.doi.org/10.1016/S0011-9164(02)00352-1
https://pdfs.semanticscholar.org/cf37/6522f35b0586689ddd212ee7b6521d781881.pdf
https://pdfs.semanticscholar.org/cf37/6522f35b0586689ddd212ee7b6521d781881.pdf
http://dx.doi.org/10.1021/ie101928r
http://dx.doi.org/10.1016/S0272-8842(03)00030-0
http://dx.doi.org/10.3390/membranes6010007
http://www.ncbi.nlm.nih.gov/pubmed/26729180
http://dx.doi.org/10.1016/S0376-7388(96)00179-2
http://dx.doi.org/10.1021/ie020421k
http://dx.doi.org/10.1016/S0376-7388(03)00047-4
http://creativecommons.org/
http://creativecommons.org/licenses/by/4.0/.

	Introduction 
	Experimental 
	Materials 
	Membranes 
	Spent Sulfite Liquor 

	Methods 
	Quantification of Lignosulfonate 
	Zeta Potential 
	Membrane Filtration 
	Comparison of Different Membrane Geometries 
	Membrane Cleaning 


	Results and Discussion 
	Zeta Potential 
	Membrane Filtration 
	Total Recycle Mode Filtration 
	Fed-Batch-Filtration 

	Comparison of Membrane Geometries 
	Backflushing 
	Membrane Cleaning 

	Conclusions 
	References

