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Abstract

An 8 ton per year manufacturing facility is described based on the framework for
integrated and continuous bioprocessing (ICB) common to all known biopharma-
ceutical implementations. While the output of this plant rivals some of the largest
fed-batch plants in the world, the equipment inside the plant is relatively small: the
plant consists of four 2000 L single-use bioreactors and has a maximum flow rate of
13 L/min. The equipment and facility for the ICB framework is described in suffi-
cient detail to allow biopharmaceutical companies, vendors, contract manufacturers
to build or buy their own systems. The design will allow the creation of a global ICB
ecosystem that will transform biopharmaceutical manufacturing. The design is fully
backward compatible with legacy fed-batch processes. A clinical production scale is
described that can produce smaller batch sizes with the same equipment as that
used at the commercial scale. The design described allows the production of as little

as 10 g to nearly 35 kg of drug substance per day.
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biopharmaceutical companies and contract manufacturing com-
panies implement ICB, and provide the process description in
sufficient detail to enable plug-and-play equipment supporting the

Many biopharmaceutical companies are investigating the next
generation of biologics manufacturing by developing integrated
and continuous bioprocessing (ICB). As shown in the companion
article, a common framework for ICB exists that would enable ICB
processes currently being implemented. It can be implemented in a
staged approach, allowing the deferral of capital investment, labor
hiring, and consumable purchases until increased productivity is
required. While this process is being implemented at AstraZeneca,

we believe that the design described here will benefit

common ICB framework.

The plant and equipment designs described here can produce
quantities of recombinant proteins that would satisfy any market
need. Very few products require over 1ton of material per year
(Kelley, 2009); the framework design is capable of 8 ton per year.

The world has an urgent need for quickly expandable manufacturing
space which may require 8 ton per year. Due to the COVID-19 pandemic,

many companies are buying up existing capacity in large stainless-steel
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facilities for their antibody treatments. Expanding these facilities will take
about five years. In addition, these facilities cost $400-800M
(Jagschies, 2020). Finally, due to supply chain concerns, many countries
and regions want to manufacture these COVID-19 treatments within
their political sphere of influence (Hafner et al., 2020).

The common framework enables single-use equipment to be as
productive as larger stainless-steel plants. By enabling cost-effective
use of single-use technologies, the common framework allows the
fast, and relatively inexpensive, building of large-capacity biomanu-
facturing in nearly any locality.

Examples are provided that include a 500 L bioreactor with a low
productivity cell line and 2000 L bioreactors with a high productivity
cell line. The 500 L bioreactor makes about 0.5 kg of material in the
bioreactor per day, which results after 20 days in a 6 kg batch. The
2000 L bioreactor makes about 10kg of material per day, which
results after 20 days in a 120 kg batch. A four 2000 L process is
described that results in as much as a 500 kg batch over 20 days, or
about 8ton per year in 17 batches. These upstream options are
integrated with a downstream design that is flexible enough to allow

an almost 10,000-fold productivity range.

2 | MATERIALS AND METHODS

The design of the upstream and downstream was based on common
and well-known engineering principles. The design examples are
shown in Table 1. The justification for the design, and a more de-
tailed materials and methods, is in the Supporting Information. In
addition, a spreadsheet is enclosed in the Supporting Information
that can enable other manufacturing scenarios. A spreadsheet is
located online, which will allow further development of new tech-
nologies (Coffman, 2020).

3 | RESULTS AND DISCUSSION

The high-level consequences of the common framework ICB are
discussed in the accompanying article (Coffman et al., 2020). Here
we discuss the details of the design to demonstrate the flexibility and
productivity of the framework ICB. The examples used are shown in
Figure 1 and Tables 1 and 2. They are described in more detail below.

3.1 | Bioreactor design

The common framework bioreactor is designed to support high cell
densities. The largest design challenges deal with supplying cells with
O, and stripping cells of CO,. The mass of nutrients required by high
cell densities requires the development of media concentrates, as
well as the possibility of several feed solutions. The high density of
cells also requires cooling to maintain the temperature. While these
challenges impact the bioreactor design in several ways, they do not
preclude the bioreactor for standard fed-batch operation.

Dynamic, or non-steady-state perfusion, where the cell density is not
directly controlled by a bleed, can reach cell densities of 100-150 Mcells/
ml (Wolf et al., 2020). These cell densities would require oxygen transfer
rates between 15 and 50mM/h, as shown in Table 2 (Jorjani &
Ozturk, 1999). The gas/liquid transfer coefficient k.a between 15 and
70 h™* would be required (Moutafchieva et al.,, 2013). The cells consume
oxygen so fast that they become hypoxic in less than 10 s without
sparging (see supplemental information). Further, there are a few lab or
pilot scale examples of perfusion cell culture at 240 M cells/ml
(Clincke, Molleryd, Samani, et al, 2013; Clincke, Molleryd, Zhang,
et al,, 2013; Zamani et al., 2018). If the industry is to expand to this cell
density, a k a of over 100 h™%, or lower cell-specific oxygen uptake rates,
would be required.

The gassing strategy for a perfusion culture is a three-fold bal-
ancing act between control of dissolved oxygen (DO), pCO, accu-
mulation (i.e, pH and subsequent base utilization), and foam
formation. Achieving desired control in any one aspect can result in
an undesirable result in another aspect.

The supply of oxygen to the cells can easily be the limiting factor
in achieving high cell densities (Ozturk, 1996; Zhu et al., 2017). The
design of the mass-flow controller and sparger require consideration.
Generally, mass-flow controllers delivering air and O, for perfusion
processes requires significantly higher flow capacity than fed-batch
processes, ranging from 0.05vvm to 0.2vvm. With respect to sparger
design, micro-spargers have been demonstrated to improve the
oxygen transport capacity needed to achieve a desired DO at
perfusion-scale cell densities (Diekmann et al., 2011; Dreher
et al., 2014). However, microspargers raise several concerns, in-
cluding their potential to cause cell damage due to shear when the
microscopic bubbles burst (Wolf et al., 2020). Microspargers have
also been observed to yield higher pCO, accumulation than tradi-
tional macro, i.e. ring or drilled-hole, spargers (Dreher et al., 2014),
which lowers culture pH, and increases base utilization, which can be
increase cell stress and the rate of cellular apoptosis. Additionally,
microsparging creates a thicker layer of foam than traditional spar-
gers. This thick foam requires enhanced control methods, and is a
concern with respect to fouling bioreactor exhaust.

A dual-sparger design that is composed of a microsparger and a
macrosparger permits the most flexibility in configuring the gas flows to
balance the requirements for dissolved oxygen, dissolved carbon diox-
ide, and foam management in a perfusion bioreactor. In this design, the
microsparger component generally provides the required dissolved
oxygen to a culture via relatively smaller bubbles and the macrosparger
component generally provides a means to manage pCO, accumulation
via stripping carbon dioxide from the system with relatively larger air
bubbles. The dual-sparger design can also provide an additional benefit
of reducing the amount of foam generated via destruction interactions
between the two bubble sizes (Karakashev et al., 2012).

Even with a dual sparger design, foam and aerosol management is
more difficult in perfusion cultures due to relatively higher agitation and
gas flow rates than fed-batch cultures. The first line of defense is to
manage foam generation in the bioreactor itself through means such
as mechanical disturbance, adjustment of overlay humidity, and
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TABLE 1

Design examples for the

common framework integrated and
continuous bioprocess

Parameter
Bioreactor
Bioreactor size (L)

Avg cell density (M
cells/ml)

Qp (ng/cell/day)
0, (VWM)
Air (VVM)

Perfusion rate
(permeate) vvd

Batch duration (days)

Media concentration
factor, average

Media components, liquid
Cell retention

Membrane capacity (L/m?)
Yield

Number of membrane sets
per run

Number of modules in
series

Capture
Linear flowrate (cm/h)
Bed height (cm)
Capacity (g/L)
# Columns
Total cycles/day
Yield

Virus inactivation

Acid ratio addition (L acid/
L peak pool)

Base ratio addition
(L base/L acid)

Yield

Depth filtration capacity
(L/m?)

Polishing Step 1: Flow thru
Bed height (cm)
Capacity (g/L)

# Columns
Cycles per day
Yield

Clinical
production

500
50

20
0.2
0.2
1.5

20

1000
90%

300
20
60

10
95%

10%

100%

98%
200

20
100

95%

2000L, MCC High
cellular productivity

2000
120

40
0.2
0.2
15

20

1000
90%

300
10
72

20
95%

10%

100%

98%
200

10
120

18
95%
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4x2000L high
productivity

8000
120

40
0.2
0.2
15

20

1000
90%

300
10
72

20
95%

10%

100%

98%
200

10
120

25
95%

(Continues)
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TABLE 1

(Continued)
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Parameter

Polishing Step 2: Bind and elute

Capacity (g/L)

# Columns

Total cycles per day
Yield

Elution volume per
cycle (cv)

Virus filtration
Capacity (L/m?)
Flux (LMH)
Number of sub-batches
Yield

Batch UFDF option
Membrane capacity (L/m?)
Yield
Cross flow (LMH)

Concentration 1
flux (LMH)

Concentration 1 target
(g/L)

# Diavolumes (L/L)

Final concentration target
(g/L)

Final DS conc target (g/L)
SPTFF-UF option

Feed product
concentration (g/L)

Feed flow (L/h)
SPTFF UF target (g/L)
Filtration flux (LMH)
Number of stages

Final DS conc target (g/L)

Clinical 2000L, MCC High 4 x 2000 L high
production cellular productivity productivity
40 48 48

2 2 2

1 20 25
85% 85% 85%
1.2 1.2 1.2
700 700 700
100 100 100
1 20 20
95% 95% 95%
1000 1000 1000
95% 95% 95%
390 390 390
45 45 45
50 50 50

6 6 6
150 150 150
100 100 100
26 32 32
10.1 8.0 31.9
150 150 150
15 15 15

3 3 3
150 150 150

automated addition of antifoaming agents as a function of the rate of
foam generation and foam thickness (Proulx et al., 2019). Redundant
filters and/or vent traps are essential components of the exhaust
manifold to manage the collection of foam and aerosols, as is the ability
to seamlessly switch between such unit operations while maintaining a
sterile boundary. Advanced filtration systems (Le Merdy et al., 2017,
Pegel et al., 2011) demonstrate an enhanced ability to manage foam
and aerosol generation, and should be considered for implementation in
any bioreactor exhaust manifold.

The last consideration for the perfusion bioreactor gassing
strategy is the control strategy. Essential to maintaining the balance

between DO, pCO, accumulation, and foam generation is estab-
lishing bioreactor-specific relationships for the parameters that
govern this balance, including the gas transfer (i.e., k a) for a given
gas species and sparger design. Therefore, it is essential for perfusion
bioreactor control architecture to permit the use of reasonably
complex algorithms (Abbate et al., 2020) to manage these three
control elements, as well as the ability to incorporate so-called off-
line, at-line, and online measurements such as cell density, tem-
perature, lactic acid concentration, glucose concentration, and pH.
Media delivery is also different for high-cell density perfusion
compared to fed-batch. The media is concentrated and can be in
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FIGURE 1 The common framework for integrated and continuous bioprocessing, showing the process flow from seed vial through to drug

substance

multiple streams rather than one stream. In the scenarios shown in
Table 1, the media concentrates are made up of a x5, x12, and
x20 concentrates, which, taken as a whole, are effectively a x3 con-
centrate. Multiple media feed pumps sized from 0.02 vvd to 0.3vvd
would be needed. For a 2000 L bioreactor, this is a surprisingly small
20-400 ml/min. A glucose concentrate and antifoam will also need to
be added with even smaller flow rates. The pump rates should be
capable of being set by complicated calculations that may rely on
PAT or on mechanistic models, similar to the ones that might be
required for gassing. Overall bioreactor level control is required to
control the feeds or the permeate rate.

The media concentrates may be added through a single line with
a static mixer. Typically, a line of water enters the static mixer, and a
series of T-connections allow the mixing of each concentrate in a
serial fashion.

The use of media concentrates greatly reduces the size of the media
preparation and media storage area. In the 4 x 2000 L scenario shown in
Tables 1 and 2, the media can be stored in sixteen 5000 L single use
containers. The x20 media would require an additional 2000 L container.

These bioreactors may become exothermic and require
cooling due to the exceptional quantity of cell mass, a novel
concern for perfusion as compared to batch mammalian cell
culture. Cells generate about 28 pW/cell (Kemp & Guan, 1997) or
between 1.4 and 4.2 W/L for cell densities between 50 and 150
Mcells/ml. A 2000 L vessel could generate between 3000 and

8000 W, which is easily handled by modifying the heating jacket
to allow cooling as well. Cooling a 12 kL bioreactor may, however,
become a limitation as the cells could generate up to 50 kW. A
heat exchanger in line with the tangential flow filtration system
may become necessary.

A design that might be suitable for a clinical manufacturing facility is
shown in Column 1 in Tables 1 and 2. The 500 L bioreactor operates at
50 Mcell/ml with a 20 pg/cell/day cell line. This scenario represents one
that can be achieved by converting a fed-batch process to perfusion cell-
culture without much difficulty. It also represents one that might occur
early in development, when process optimization and intensification has
not occurred. The bioreactor makes 500 g/day.

A commercial bioreactor set up is shown in Tables 1 and 2, and
column 3, operating at an average cell density of 120 Mcell/ml with a
40pcd cell line. In this scenario, four 2000 L bioreactors are operated
to feed a single downstream. The bioreactors together produce on
average 38 kg per day. Over the course of the 20-day run, over

500 kg of material is pooled into a single lot.

3.2 | Cell retention design

The common framework bioreactor supports both ATF and TFF
operation. The TFF and ATF design is shown in Tables 1 and 2 for a
500 and 2000 L bioreactor. To mitigate against Starling flow
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TABLE 2 The assumptions in Table 1 result in a design basis for

COFFMAN ET AL.

the framework integrated and continuous bioprocessing plant,

summarized here

Bioreactor
QOUR (mM/h, approx.)
KLa (h™)
Heat generated (Watt)
Productivity (g/L bioreactor/day)
Bleed (ml/min)
Mass/day (g/day)

Total perfusion volume (L)

Volume of 20-fold concentrate (L)

Volume of 12-fold concentrate (L)

Volume of 5-fold concentrate (L)

Volume total WFI for media
dilution (L)

Cell retention
Membrane area in process
Numbe of ATF 10 units required
Crossflow rate (L/min)
Cell residence time (s)

Capture
Column volume, each (L)
Minimum column diameter (cm)
Total elution pool per day (L)

Concentrated buffer volume per
day (L)

Process flowrate for conc buffer
(L/min)

Process flowrate for WFI (L/min)

Concentrated buffer volume per
batch (L)

Virus inactivation
Tank volume with 20%excess
Depth filter changes per batch
Depth filter area in process
Polishing Step 1: Flow thru
Column volume, each (L)
Total collection pool per batch

Process flowrate for conc
buffer

Process flowrate for WFI

Concentrated buffer volume per
batch

15
24
700
10

500
15,000
750
1250
3000
10,000

7.50

70

21
6.5
41.7
91.7

0.104

0.42
1833

60
20
0.25

4.2
1017
0.2095

0.8379
268

36

57
6720
4.8

0

9600
60,000
3000
5000
12,000
40,000

30.00

68

6.0
15.6
240.0
528.0

0.60

2.40
10,560

346
20
144

3.7
6028
0.3724

1.4896
4290

36

57
26,880
4.8

0
38,400
240,000
12,000
20,000
48,000
160,000

30.00

68

24.0
20.0
960.0
2112.0

2.40

9.60
42,240

1382
20
5.76

10.7
24,113
0.8938

4.4688
14,300

Polishing Step 2: Bind and elute
Column volume, each (L)

Process flowrate for conc buffer
(L/min)

Process flowrate for WFI
(L/min)

Concentrated buffer volume per
batch (L)

Virus filtration

Membrane area used for
processing (m?)

Process flowrate for conc buffer
(L/min)

Process flowrate for WFI (L/min)

Final pool product concentration
(mg/ml)

Concentrated buffer volume per
batch (L)

Total pool per batch if pooled (L)
Batch UFDF option
Conc 1 cross flow rate (L/min)

Diafiltration membrane area
required (m?)

Diafiltration cross flow (L/min)

Diafiltration buffer volume per
batch (L)

Diafiltration flow rate (L/min)

Final concentration product volume

per sub-batch (L)

Final concentration membrane area

required (m?)
Product mass per batch (g)
DS product volume per batch (L)
Process flowrate (L/min)

Tank size (Conc1) with 20%
excess (L)

Final pooled DS volume (L)
SPTFF-UF and CC-DF cascade
SPTFF-UF option

Membrane area used with 20%
excess (m?)

Retentate flow (L/H)

CC-DF three-stage cascade after
SPTFF

Feed flow (L/H)
DF buffer flow (L/H)

10.0

0.50

1.99

738

0.51

0.17

0.68
26

15

243

0.75
0.8

51
771

0.6
43

0.087

6106
61
0.06
154.3

61

1.0

1.8

1.8
19.6

8.0

0.80

3.18

10,792

0.51

0.17

0.68
32

306

3828

045
0.7

4.9

14,810

0.6

41

0.083

117,242
1172
0.05
148.1

1172

0.8

17

1.7
18.9

255

2.55

10.19

54,017

1.53

0.43

213
32

765

15,301

1.78
3.0

194

59,238

22
165

0.332

468,968
4690
0.22
5924

4690

3.0

6.9

6.9
75.4
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Flow for the diluted product stream 21.4 20.6 82.3
(L/H)

Membrane area used with 20% 1.6 1.5 6.0
excess (m?)

Retentate flow (L/H) at each stage 1.8 1.7 6.9

DS product volume per batch (L) 39 743 2970

(Radoniqi et al., 2018), the membrane area was scaled up by adding
filter modules in series, rather than in parallel. The 2000 L bioreactor
requires four hollow fiber modules in series (see Figure 1, TFF step).
A parallel scale-up strategy would require the retentate flow rate to
between 500 and 1000 L/min, or 0.25-0.5vvm. These flow rates
would require very large pumps, and the cells would have 5-10 times
more pump passes. Damage to cells through pumps is an important
factor to mitigate (Wang et al., 2017).

Switching the filter for the 2000 L bioreactor design is best ac-
complished by the use of Y-connectors and valves between the two
sets of filter modules. Ideally, the connectors would have zero dead
volume, so cells do not get stuck in the dead leg. Manual switching
between the two sets of filter modules is likely acceptable for most
operations, even in commercial space.

The design optionally allows for one ATF10 systems for the
500 L bioreactor and three per 2000 L bioreactor. While this takes
up a considerable amount of floor space around the bioreactor, it is
not a major inconvenience.

The area required for both ATF and TFF on the 2000 L bior-
eactor is 30 m?. Modules are commercially available. The ATF and
TFF systems require three or four small permeate pumps with a
maximum flow rate of less than 1 L/min. The total flow rate onto the
capture step is small, about 8 L/min for the 4 x2000L design. It
should be noted that the residence time of the cells in either the ATF
or TFF filters is near the time to hypoxia.

Single-use bioreactors over 500 L do well to have 1.5- to 2-in.
ports to allow unrestricted flow for each pump system. Connecting
the SUB to the TFF requires a 1.5-in. sanitary connection, which is
not known to be commercially available. Instead, two 1-in. ports are
often used for each connection. This arrangement is suboptimal. The
2000 L bioreactor requires four 1.5- to 2-in. ports to support the ATF
and two 1.5- to 2-in. ports to support the TFF operation.

3.3 | Dual column chromatography design

Dual chromatography is the simplest and perhaps easiest form of ICB
that can be implemented (Angarita et al., 2015). The high-level chroma-
togram skid design shown in Figure 1 allows flexibility for ICB and batch
processing. The system uses two pump sizes. A smaller pump is used for
the solution concentrates. Larger pumps are used for the diluent and the
load. This design has a large processing range. The overall accurate flow
rate range is 0.3 to 13 L/min. Although these skids are used by many for
all three chromatography steps, the Protein A capture step determines
the productivity and timing of the process.

DIOENGINEERIN

High productivity processes use solution concentrates and dilute
with water. The largest processing possible on this system is two 25 L
columns with a 10cm bed depth operated in series, allowing for
57.6 kg/day. The smallest mass that can be processed uses only the
smaller pump with no dilution at the lowest accurate flow rate, al-
lowing the use of a 0.6 L column. This set up processes as little as
36 g/day. Two columns operated in parallel (a standard batch op-
eration) can process only as much as 48 kg/day, due to the decreased
effective capacity of the column. Because these columns are never
operated in series, they can be 20 cm in length, and 50 L each. A one-
column capture step can also be considered (Kamga et al., 2018). It
would allow only about 24 kg/day production on a 43 L column (data
not shown) and can support significantly less bioreactor volume. This
mass is less than half of that for the dual column system for about
the same Protein A volume. Since these last two options do not
overload the Protein A column and run a second column in series to
capture the product that flows through the column, they are differ-
ent from a regulatory perspective than the dual-column chromato-
graphy operation. They would likely require a different process
characterization and process performance qualification package.

The downstream process can adjust the mass throughput in two
ways. Firstly, the capture columns can be underloaded. The load
range of the Protein A is assumed to be 10-72 g/L. The second is that
the columns can be cycled as few as once per day, to about 15 times
each per day, depending upon the titer. The lower limit is set, in part,
by the bioburden control strategy, in that we prefer to load a column
less than 12 h before sanitizing it. The total in-batch range of pro-
ductivity is therefore over 200-fold. Between batches, the columns
can be changed in size from 0.6 to 25 L. Thus, the overall batch-to-
batch productivity range for the downstream is an astonishing 9000-
fold range. The polishing steps can be operated in a similar cadence.

The average number of cycles per day is set to avoid changing
columns during the 20-day run for commercial processes. Each
Protein A column is cycled on average 10 times per day, for a total
cycling of 200 cycles per lot. The polishing steps are cycled 12.5
times per day for the maximum productivity, for a total cycling of
250 cycles per lot. While column lifetime may vary from product to
product, targeting 200 for the Protein A step and 250 cycles for the
polishing steps is not overly burdensome for commercial processes.
Poorer column lifetime will require larger columns and fewer cycles
per day, or changing the columns during the lot.

The framework also recommends ultraviolet (UV) absorbance
detection with two path lengths to allow both high and low con-
centration measurement. ldeally, the UV detector would be linear up
to concentrations of 150g/L, or about 200 AU/cm to capture the
maximum concentration of the elution peak. A detector with 0.1 and
1.0 mm path lengths would be sufficient. These detection limits are
necessary to enable accurate yield calculations on every cycle. Op-
tionally, the detector would allow a scan of absorbance from 230 to
320 nm. Spectral analysis of column peaks can be used to estimate
purity (Brestrich et al., 2014, 2015, 2016). Additional data connections
should be available for expanding PAT methods that are not described
here. This UV detection system does not exist commercially.
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The dual column chromatography skid may not benefit from being
single use, depending upon the application. Small lot sizes will have an
increased burden on the COGM of the single use assemblies. This burden
is less important in clinical manufacturing, where flexibility and change-
over time might be more important. This burden is also less important for
very large batches, such as those derived from the 4 x 2000 L example.
The dual column system is backward compatible with batch
processing. The downstream can process 48kg/day, or from a fed-
batch with 24 g/L titer, from each of the four bioreactors if they are
harvested on different days. This titer is well in excess of any stan-

dard fed batch process.

3.4 | Virus inactivation

The framework virus inactivation step supports both batch and con-
tinuous virus inactivation. The skid performs on-line titration of the
peak as it elutes from the Protein A step. The acidified peak then goes
into a tank for the batch operation or into a plug flow reactor (PFR) for
continuous inactivation. At the end of the incubation time, the product
stream is neutralized before passing to the next step.

Those processes that use a surge tank before the virus in-
activation step will have a homogeneous product stream entering
and exiting the PFR. This homogeneity allows for either a volume-
based titration, or one based on a closed-loop pH control. Those
steps that titrate the peak in-line without a surge tank will require
some feed-forward control based on UV. The UV signal from the
Protein A skid will require integration with the virus inactivation
skid, or the VI skid will require a UV sensor on the inlet.

The flow rate of acid, base, and water required to titrate the

product stream will be linear with respect to UV:
Qacid =AUV + b,
Qbase = C:UV + d,

Quwater = ExUV +f,

where A, C, and E are proportionality constants related to the amino acid
composition of the product, and b, d, and f are offsets largely related to
the steady-state buffer concentration. These constants can be easily
determined experimentally. The flow rate of water would be required to
maintain a constant ionic strength if needed for the subsequent step.
Dilution would not be needed if there was a surge tank after the virus
inactivation that averages out the ionic strength variation across the
peak. Since the titration of the product stream changes with con-
centration, the overall flow rate changes during the elution. This varia-
bility can be accounted for in the PFR volume, as well as the load of the

subsequent step, by sizing each to the largest expected flow rate.

3.5 | Depth filtration

High-density fed-batch processes precipitate HCP and other im-
purities after the low pH virus inactivation process. The particulates
are removed typically by a depth filter.

Perfusion based processes do not precipitate with the same
frequency or degree as fed-batch processes (data not shown).
Even so, the framework process requires the flexibility of adding a
depth filter. The depth filter has challenges for continuous pro-
cessing. There are not many depth filters that arrive sterile or
have a low bioburden specification. This means that depth filtra-
tion is an opportunity for bioburden to enter the process. Some
depth filters can be sanitized with various solutions, hydroxide
being the most typical.

Since the depth filter capacity is assumed to be low (200 L/
m?), it will require frequent changing. The framework presumes
daily changing, largely to avoid bioburden in depth filters that
cannot be sanitized. The filter area is proportional to the Protein A
column volume, and varies from 0.3 m? for the clinical process to
6 m? for the 500 kg process. While 6 m? is seen commonly in small
manufacturing plants, it is best flushed with its own pump system
(not shown).

3.6 | Virus retentive filtration (VRF)

Virus filtration provides a robust and scalable solution for viral
clearance in biologic manufacturing. The choice of a suitable virus
filter is governed by a combination of feed characteristics and
process parameters (Bohonak & Zydney, 2005; Bolton &
Apostolidis, 2017; Bolton et al.,, 2005; Rathore et al., 2014;
Syedain et al., 2006). Low flow rates, and concomitant pressure,
have been reported to reduce viral retention (Strauss et al., 2017).
This effect is dependent on factors such as pH, ionic strength, and
membrane composition. This loss of retention under continuous
operation has, for many, restricted the VRF process to a batch
operation. Tables 1 and 2 depict various scenarios for a constant
flow-rate VRF process following the second polishing step. As
shown in Table 2, the low productivity scenario would necessitate
a membrane area of 0.5 m? Each VRF sub-batch is expected to be
operated at 24 h intervals. Here, each sub-batch will take roughly
3 h, yielding the final product pool of 277 L at 24 g/L (Table 2). The
concomitant adjustments in membrane area and other operating
parameters towards changes in capacity and productivity are
mentioned in the supplementary information (Table 2 and Sup-
porting Information Table).

3.7 | Ultrafiltration and diafiltration (UF/DF)

The common framework process enables both batch and single-pass
(SP) ultrafiltration and diafiltration (UFDF). The framework uses a
flexible single-use skid with the same pumps and different flow path
to accommodate both operations.

The batch UF/DF step is shown in Figure 1 and involves batch
tangential flow filtration (TFF) and a recirculation skid to attain
the desired product concentration. The framework process per-
forms a batch UFDF frequently to avoid the need for a large
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system. The entire UF/DF process will be split into as many as 20
sub-batches that are expected to be in-sync with the VRF pro-
cess. A concentration step is operated continuously as the run
progresses. Periodically, the concentrated pool is moved to the
DF retentate tank where the diafiltration is performed. The
material is moved to the final in-process retentate pool where
the final UF concentration occurs continuously as the run pro-
gresses. Tables 1 and 2, depicts the process parameters and
throughput for a typical TFF module. The size of the filters and
pumps used is similar across all scales by controlling the fre-
qguency of the batch operation. The filter used for the clinical 6 kg
DF is 0.2-1m? and for the commercial 500 kg batch is 0.4-4m?2.
Each are sub-batched one time and 20 times, respectively.

The volume of DF buffer required for a batch with high pro-
ductivity can be prohibitively high (Table 2 and S| Table). For the
500 kg batch, the DF buffer volume is 66,000 L, which is 25% of the
total downstream solution volume. This issue can be partially miti-
gated by the use of buffer concentrates or in-line conditioning. Ac-
curate pumps are needed for this final step.

Recently, alternative approaches to overcome shortfalls of
the typical UF/DF operation have been reported in the literature.
The advent of single-pass tangential flow filtration (SPTFF)
membrane filtration modules has made it possible to attain high
protein concentration factors in a single-pass while eliminating
the need for repeated product recirculation (Jungbauer, 2013).
The use of multistage SPTFF cascade for continuous diafiltration
of proteins using cocurrent and countercurrent mode have been
demonstrated (Arnold et al., 2019; Huter and Strube, 2019; Jabra
et al, 2019; Nambiar et al., 2018; Rucker-Pezzini et al., 2018).
Table 2 describes and Figure 1 indicates the proposed im-
plementation of the SPTFF modules for an integrated and con-
tinuous UF and countercurrent-DF (CC-DF) process, described in
the accompanying article. Here, the feed flow to the UF process
is adjusted in a way to spread out each VRF sub-batch pool over
24 h. This allows the UF process to be operated uninterrupted
over the entire batch. The retentate stream is then directly fed to
the three-stage CC-DF cascade eliminating the need for a surge
tank. The DF buffer's countercurrent flow results in at least a
40% reduction in buffer usage than batch DF operation, primarily
because the CC-DF step operates at a higher product
concentration.

A few pumps are mismatched between the UFDF and SP op-
tions. Multihead peristaltic pumps can simplify the pump design
considerably. The pumps used on the module could use high-flow
and low-flow tubing depending upon the application.

Recent reports also successfully demonstrated the use of
hollow-fiber dialyzers for buffer exchange (Yehl et al., 2019). The
framework skid would also enable the operation of this step, which
has the potential of reducing the total DF buffer required by a factor
of 8 from the batch-wise UFDF option.
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4 | CONCLUSION

The common ICB framework enables the design of equipment flex-
ible enough to process 6-500 kg lot sizes. The design also allows
flexibility for some batch operations and is compatible with legacy
processes.

This flexible, mostly single-use design has particular relevancy
today during the pandemic. While most COVID-19 mAb projects are
made in fed-batch right now, converting from fed-batch to ICB is
possible. While converting to ICB will not help in the near term, it
would allow manufacturing expansion within about two years. Con-
verting to a perfusion bioreactor would be a relatively large change
from a regulatory perspective, and would require strong compar-
ability package. The alternative is a capacity crunch and investment
in billions of dollars of stainless-steel infrastructure in countries all
over the world. The pandemic exemplifies the uncertainty in manu-
facturing: the antibody manufacturing may be required for many
years to come or it may not. In addition, fast development of scalable
mAb manufacturing will help in the next pandemic.

The framework ICB allows companies to harmonize their plat-
form around off-the-shelf equipment. Also, it's possible for contract
manufacturers to buy equipment that would be backward compatible
with batch processes, as well as future compatible for ICB. This
flexibility has not been realized to date. Many companies think of
ICB processes as a step forward from which there is no turning back.
This paper demonstrates that the common framework ICB can be
designed, purchased, and installed with an eye toward the future,
and yet without worry about the past.
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