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ABSTRACT

Process intensification has shown great potential to increase productivity and reduce costs in biomanu-
facturing. This case study describes the evolution of a manufacturing process from a conventional
processing scheme at 1000-L scale (Process A, n = 5) to intensified processing schemes at both 1000-L
(Process B, n = 8) and 2000-L scales (Process C, n = 3) for the production of a monoclonal antibody by
a Chinese hamster ovary cell line. For the upstream part of the process, we implemented an intensified
seed culture scheme to enhance cell densities at the seed culture step (N-1) prior to the production
bioreactor (N) by using either enriched N-1 seed culture medium for Process B or by operating the N-1
step in perfusion mode for Process C. The increased final cell densities at the N-1 step allowed for much
higher inoculation densities in the production bioreactor operated in fed-batch mode and substantially
increased titers by 4-fold from Process A to B and 8-fold from Process A to C, while maintaining
comparable final product quality. Multiple changes were made to intensify the downstream process to
accommodate the increased titers. New high-capacity resins were implemented for the Protein A and
anion exchange chromatography (AEX) steps, and the cation exchange chromatography (CEX) step was
changed from bind-elute to flow-through mode for the streamlined Process B. Multi-column chromato-
graphy was developed for Protein A capture, and an integrated AEX-CEX pool-less polishing steps allowed
semi-continuous Process C with increased productivity as well as reductions in resin requirements, buffer
consumption, and processing times. A cost-of-goods analysis on consumables showed 6.7-10.1 fold cost
reduction from the conventional Process A to the intensified Process C. The hybrid-intensified process
described here is easy to implement in manufacturing and lays a good foundation to develop a fully
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continuous manufacturing with even higher productivity in the future.

Introduction

Improvements in biomanufacturing using mammalian cell
culture has increased titers from mg/L to g/L, leading to sub-
stantial reductions in the cost-of-goods (COG) over the last
30 years.! The major strategies for titer improvement include
cell line engineering, cell culture medium development, and
bioreactor parameter optimization, but desirable and accepta-
ble product quality attributes must be maintained during the
process.”> Nevertheless, the most recent survey by BioPlan
Associates indicates that productivity and yield improvement
are still the most important challenge facing the biomanufac-
turing industry.® To reduce the manufacturing cost, which
would allow wider patient access, process intensification
through continuous or semi-continuous biomanufacturing
has been extensively studied in both academia and industry.”**

Process intensification is defined as the adoption of innova-
tive technologies and methods to achieve major process
improvements (e.g., productivity), which significantly reduce
manufacturing costs and facility footprints. In the chemical
industry, process intensification has successfully been imple-
mented for effective manufacturing of commercial commod-
ities with dramatic reductions in costs and plant footprints

over the last several decades.'>'> However, it has been more
challenging to implement continuous or perfusion operations
in the highly regulated biomanufacturing industry, which uses
living organisms to produce much more expensive biologics in
much smaller production volumes. Perfusion cell culture
requires equal volumes of fresh media continuously added
and spent media removed, while retaining the cells in the
bioreactor by use of perfusion equipment, such as alternating
tangential flow (ATF) devices, cross-flow filters, centrifuges, or
settlers."*"” Due to the complexity of process development and
automation control, process intensification through perfusion
production cell culture has not been widely used in manufac-
turing of proteins such as monoclonal antibodies (mAbs).>'*'®
A notable exception is in the production of unstable complex
proteins/enzymes usually with very low titers. It was reported
that the volumetric productivity for an unstable enzyme was
improved by 40-fold using perfusion Chinese hamster ovary
(CHO) culture over fed-batch culture, but only less than
a 5-fold improvement in the volumetric productivity was
achieved for a stable mAb."” The productivity and product
quality for unstable proteins have seen much more benefit
than stable proteins by implementing perfusion production
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cell culture," leading to its successful application in biomanu-
facturing of unstable and low titer proteins.*’

On the other hand, intensification of fed-batch production
processing by applying perfusion operation to the N-1 seed
culture step has recently made great progress. In comparison to
conventional fed-batch culture with an inoculation seeding
density (SD) of approximately 0.5 x 10° cells/mL, the SD can
be increased to 2-8 x 10° cells/mL by N-1 perfusion for the
inoculum step. This intensified biomanufacturing platform can
achieve similar final titers to conventional processes in
a shortened cell culture duration, thus leading to significantly
improved facility output.’'"** As this strategy requires only
minimal changes to existing manufacturing facilities, N-1
seed culture intensification by perfusion has been widely
applied in the biopharmaceutical industry.***> Furthermore,
it has been demonstrated that non-perfusion N-1 seeds (N-1
seed culture generated using either enriched media in batch
operation or fed-batch N-1) can be used for the inoculation of
the subsequent fed-batch production culture with a SD of
3-6 x 10° cells/mL. As demonstrated with multiple cell lines,
processes using non-perfusion N-1 seeds can achieve titers and
quality attributes similar to those processes using perfusion
N-1 seeds.'® The major advantage of non-perfusion over per-
fusion N-1 is simpler operation requiring no perfusion device
or perfusion medium. More recently the intensified fed-batch
platform with a SD of 10-20 x 10° cells/mL by perfusion N-1 in
combination with redesigned media has been developed for
multiple biologic products.’® This fed-batch strategy can
achieve the upper range of the best titers being reported in
the current literature.”’

In comparison to the magnitude of upstream improvements
in fed-batch titers, the overall batch downstream yield has
increased, to a lesser extent, from approximately 35% to 70%
(although 80% has been reported) in commercial manufactur-
ing for the past decades.' One common step for mAb capture is

Protein A chromatography. Protein A loading capacity has
been improved from <40 to 70-80 g/L,.., owing to advances
in resin manufacturing technologies.”>* The polishing chro-
matography steps have evolved from bind-elute to flow-
through mode for streamlined operation and significantly
improved throughput.®® Nonetheless, with a substantial
increase in upstream titers, the batch downstream operation
is still a major productivity bottleneck in bioprocessing, and
accounts for a substantial portion of the overall biomanufac-
turing cost.>® Due mainly to its limited loading capacity and
high cost, Protein A resins present a throughput challenge to
batch downstream operation, especially when upstream titers
exceed approximately 10 g/L.**

The need to debottleneck downstream productivity con-
straints has focused efforts by both academia and industry on
downstream process intensification through implementing
continuous chromatography”>'>* and other technologies,
such as continuous viral inactivation®>”” and filtration
processes.”®>’ In  particular, continuous Protein
A chromatography, known as multi-column chromatography
(MCC), has shown much higher productivity with increased
product loading per cycle, significantly reduced buffer con-
sumption and manufacturing facility footprint than for batch
capture, while maintaining satisfactory product yield and qual-
ity in both laboratory and pilot scales.”>*’ In addition, inte-
grated polishing operation of typically two-column steps (e.g.,
cation exchange chromatography (CEX), anion exchange chro-
matography (AEX), hydrophobic interaction chromatography)
has effectively shortened processing time with elimination of
intermediate holding vessels and intermediate pool adjustment
steps.30

Although integrating continuous upstream and down-
stream operation can maximize the benefit of continuous bio-
manufacturing, reports of such applications have been limited,
even in laboratory and pilot scales.”*'™* Semi-continuous
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Figure 1. Biomanufacturing diagrams for Process A (conventional fed-batch at 1000-L scale, n = 5), Process B (intensified fed-batch by enriched N-1 at 1000-L scale,

n = 8), and Process C (intensified fed-batch by perfusion N-1 at 2000-L scale, n = 3).



biomanufacturing employing MCC capture and integrated
polishing has rarely been implemented in routine GMP man-
ufacturing for mAb production.”*>** As integrated continuous
biomanufacturing is still largely in the development stage in the
industry, hybrid versions may be relatively easy to establish in
biomanufacturing, followed by further emergence of fully con-
tinuous systems in the future.*’

In this case study, we compared three biomanufacturing
processes for a mAb produced by CHO cells to demonstrate
the evolution from conventional batch process (i.e., Process A)
to two commercial-ready-intensified processes (i.e., Processes
B and C) (Figure 1). A hybrid version of integrated upstream
and downstream Process C was implemented in biomanufac-
turing with incorporation of some continuous elements for
process intensification. N-1 perfusion was developed in the
upstream part of the process for substantially increased fed-
batch titer, comparable to the highest titers reported in the
literature.”” Two-column MCC Protein A capture and inte-
grated polishing steps were developed for significant down-
stream productivity improvement. In addition, analytical
comparability for final drug substance (DS) and COG analysis
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on consumables for these different manufacturing processes
are presented.

Results
Upstream performance

As described in the Materials and Methods section, the major
upstream changes from Process A to B to C were cell line, basal
and feed media, N-2 (second cell culture step prior to the
production bioreactor) and N-1 (cell culture step prior to the
production bioreactor) seed culture conditions, and fed-batch
production bioreactor (N) conditions (e.g., SD, feeding, and
temperature shift) (Figure 1).

As described in the Methods section, differing N-2 seed culture
conditions resulted in different N-2 final viable cell densities
(VCDs), e.g., 2.5-5 x 10°% 6-10 x 10°% and 26-42 x 10° cells/mL
for Processes A, B and C, respectively. The N-2 seeds were used to
inoculate the N-1 seed bioreactors using different SDs of
046 + 009 x 10° cellsymL for Process A (n = 5),
1.05 + 0.06 x 10° cells/mL (n = 8, P <.0001, compared to Process
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Figure 2. N-1 seed culture profiles (a) VCD; (b) cell viability and fed-batch production culture performance profiles; (c) VCD; (d) cell viability; (e) normalized titer; (f)
normalized cell-specific productivity in the mAb biomanufacturing using Process A (n = 5), Process B (n = 8), and Process C (n = 3). Values are reported as average +

standard deviation.
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A) for Process B, and 3.74 + 0.57 x 10° cells/mL (n = 3, p<.01
compared to Process A, p =.01 compared to Process B) for Process
C (Figure 2(a)). The final VCD from the N-1 step significantly
increased from 4.29 + 0.23 x 10° cells/mL for Process A using
a conventional batch mode, to 14.3 + 1.5 x 10° cells/mL (p < .0001,
compared to Process A) for Process B using enriched batch mode,
and to 103 + 4.6 x 10° cells/mL (p < .001, compared to either
Process A or Process B) for Process C using perfusion mode
(Figure 2(a)). Cell viability in the N-1 seed stage was well main-
tained for Processes A and B, while the cell viability for Process
C dropped to about 94% in the end (Figure 2(b)). Nonetheless, the
lower final cell viability of the perfusion N-1 for Process C did not
have any negative impact on the subsequent fed-batch production
culture performance, as described below.

For the fed-batch production stage, the initial SDs were
intensified from 0.5 + 0.01 x 10° cells/mL for Process A, to
3.22 +0.11 x 10° cells/mL (p < .0001, compared to Process A)
for Process B, and to 16.9 + 1.12 x 10° cells/mL (p < .01,
compared to either Process A or Process B) for Process
C (Figure 2(c)). The peak VCD for Process A was
9.0 + 0.94 x 10° cells/mL on day 7 and the final VCD was
4.7 £ 0.36 x 10° cells/mL on day 19-20. Compared to Process
A, Process B had a much higher peak VCD of 23.9 + 0.93 x 10°
cells/mL (p < .0001, compared to Process A) on day 5 and
a higher final VCD of 15.1 + 0.93 x 10° cells/mL (p < .0001,
compared to Process A) on day 14. Among the three processes,
Process C achieved the highest peak VCD of 29.3 + 2.19 x 10°
cells/mL (p < .01, compared to either Process A or Process B)
on day 4 and the highest final VCD at 20.2 + 1.72 x 10 cells/
mL (p < .01 compared to Process A, p < .001 compared to
Process B) (Figure 2(c)). For Processes B and C, cell cultures
were harvested on day 14. Process A had a longer duration with
the harvest criteria of either the viability <70% or day 20,
whichever was met first. For cell viability profile, both
Process B and C were maintained very well above 98%
(p = .36, comparing Process B and Process C) for the entire
run, while for Process A, cell viability dropped to about 66%
(p < .0001 compared to Process B, p < .0001 compared to
Process C) toward the end of run (Figure 2(d)). The lower
cell viability for Process A may be attributed to the different
CHO cell line, media, bioreactor process parameters, and har-
vest criteria, as described in the Methods section.

When the biomanufacturing process evolved from conven-
tional to intensified (Figure 1), the final normalized titer sub-
stantially improved from 0.12 = 0.0 for Process A, to
0.50 £ 0.02 (p < .0001, compared to Process A) for Process B,
t0 1.00 + 0.09 (p < .01 compared to Process A, p = .01 compared
to Process B) for Process C (Figure 2(e)). The normalized cell-
specific productivities for Process C were maintained between
0.9 and 1.0, significantly higher than 0.66-0.76 for Process
B (Figure 2(f)). The final-normalized cell-specific productivity
for Process C (0.99 * 0.02) was significantly higher than that
for Process B (0.71 £ 0.05, p < .0001, compared to Process C).
Process A had similar cell-specific productivity to Process B on
days 6 and 7. However, the cell-specific productivity decreased
linearly thereafter, reaching a final-normalized cell-specific
productivity of 0.31 + 0.02 (p < .0001, compared to either
Process B or Process C) on day 20 (Figure 2(f)).

The substantial SD increase in fed-batch stage from Process A to
B to C (Figure 2(c)) was one of the major factors enabling the
upstream process to evolve from conventional to intensified fed-
batch with substantial productivity improvement. The significant
increase in titer here (Figure 2(e)) was attributed to both higher
VCD (Figure 2(c)) and a higher cell-specific productivity (Figure 2
(f). In addition, general fed-batch improvement strategies, such as
cell line engineering, medium development, and bioreactor opera-
tion optimization, were applied in this study. The 4-fold increase in
titer from Process A to B was attributed to a 6-fold increase in SD,
cell line change from CHOIl with an endogenous glutamine
synthetase (GS) gene to CHO2 with GS knockout (GS™), medium
improvement, and process parameter optimizations such as tem-
perature shift. It has been reported that CHO GS cell lines can
produce higher titer after knockout of the GS genes.***” We have
reported that the titer can be improved by 25% after the tempera-
ture is shifted from 36.5°C to 32.0°C using the same CHO2 and
Process B for the mAb production.* The doubled titer from
Process B to C was attributed mainly to the more than 5-fold
increase in SD, redesigned basal and feed media, feeding more
nutrients, and an earlier temperature shift. Among all these factors,
the most important one was SD. The low SD at 0.5 x 10° cells/mL
for Process A and 3 x 10° cells/mL for Process B could not achieve
as high of a titer as Process C with SD at 16 x 10° cells/mL, even
after intensive process development using common medium devel-
opment and bioreactor optimization strategies.26

Although Processes B and C had much higher VCD profiles than
Process A (Figure 2(c)), there were no major scale-up issues (labora-
tory data not shown) using the simple strategy with constant agitation
and bottom air flow rate during the entire culture duration for
Processes B and C, as described in the Methods section. Oxygen
demand was <25 liters per minute (LPM) for Process B at 1000-L
scale, while oxygen demand was <40 LPM for Process C at 2000-L
scale. The cell viability at harvest was above 98% for Processes B and
C (Figure 2(b)). The major inhibitory metabolites (e.g, lactate, ammo-
nium, CO,) and osmolality were maintained at relatively lower levels
over the entire bioreactor duration for both Processes B and C. In
contrast, lactate and osmolality for Process A were considerably
higher toward the end of cell culture (Figure 3). This indicated that
there might be some process and scale-up issues for Process A, even at
the low SD of 0.5 x 10° cells/mL, which could be due to the much
longer culture duration. The higher CO, levels for Processes B and
C may be due to the higher cell respiration from much higher VCD
compared to Process A (Figure 3(c)). Nonetheless, <100 mmHg CO,
has been commonly observed in large-scale cell culture processes and
is generally considered to have no negative impact on cell culture,
which is in agreement with another report.*’

Downstream performance and in-process quality
attributes

As described in the Materials and Methods section and shown
in Figure 1, the major downstream changes from Process A to
B to C were the operating conditions of the three-
chromatography steps, i.e., Protein A, AEX and CEX, and the
protein concentration of final formulated DS.

For the Protein A step, the loading capacity limit of Protein
A resin 1 (PR1) used in Process A was 34 g/L,.qn, but increased
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to 50 g/L,esin for Protein A resin 2 (PR2), which was used in
Process B (both processes using batch capture mode). The
loading capacity limit further increased to 75 g/L,esn for
Process C using PR2 in semi-continuous 2-column MCC
mode (Figure 1). Flow-through mode was used for the first
polishing step, AEX, for all three processes. The loading cap-
ability limit using AEX resin 1 (AR1) was 70 g/L,.s;, for Process
A, increasing to 300-500 g/L,.s;, for Process B using AEX resin
2 (AR2), and 200-500 g/L,cg, for Process C also using AR2
(Figure 1). The decision to use resin-based AEX instead of an
AEX membrane absorber was driven primarily by technical
considerations to address a unique product quality challenge,
where AR2 in an optimized flow-through operating condition
offered superior performance. The loading capability for
the second polishing step, CEX, was 60 g/L,cn operated in
bind-elute mode for Process A, but increased to
125-250 g/L,csin using the same CEX resin (CR) when operated
in flow-through mode for Processes B and C. Batch operation
of the two polishing steps was used for Processes A and B,
while integrated AEX-CEX operation with inline pH adjust-
ment was applied to Process C (Figure 1). In addition, the final
formulated DS concentration increased from 20 g/L for Process
A to 100 g/L for Processes B and C (Figure 1).

Depending on the specific conditions used (e.g., load con-
centration, column size, number of cycles, flow rate), the
change from Protein A batch capture for Process B to MCC
for Process C led to a 19-52% increase in productivity, a 51--
53% increase in resin utilization, a 70-77% decrease in buffer
consumption, and an 80% decrease in resin volume. At the
same time, the change from batch polishing steps to integrated
AEX-CEX operation resulted in an approximately 50% reduc-
tion in processing time, and eliminated the need for holding
the intermediate AEX pool and additional offline CEX load

140
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Figure 4. Product yields at different downstream steps in the mAb biomanufac-
turing using Process A (n = 5), Process B (n = 8), and Process C (n = 3). Values are
reported as average + standard deviation. N/A, not applicable.

adjustments, contributing to savings in time and tank/bag
usage.

Overall downstream performance was similar between
Processes A and B with only minor differences in certain
downstream steps considering batch-to-batch and assay varia-
tions (Figure 4). The slightly lower downstream yield for
Process C (66 + 3%, p < .05, compared to either Process A or
Process B) than that for Process A (76 + 5%) and Process
B (75 £ 4%, p = .78, compared to Process A) were mainly
associated with the two chromatography steps (i.e., MCC,
and integrated AEX-CEX). A detailed analysis concluded that
the lower yields were not due to the Process C conditions used,
but rather due to operation-related reasons during the start-up
of the new manufacturing facility where Process C was run. For
example, feedback control of pumps with equipped flowmeters
required further tuning in order to more accurately dispense
load material across column operations. This contributed



6 (&) J.XUETAL

slightly to lower process yields, with small amounts of feed
material being directed to the equipment drain each time
a pump was slowed down. Additionally, equipment dead
volumes were not accurately determined for new systems,
causing column eluate pools to be truncated, and hence lower
in volume than intended. These contributing factors were just
two that were assessed, and have allowed for more accurate
fine-tuning of the automation and distributed control system
used for the new manufacturing process. With facility experi-
ence and optimization of equipment operating parameters,
both MCC and integrated AEX-CEX steps of Process
C should achieve the step yield comparable to batch Protein
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A and the individual polishing steps, as confirmed by small-
scale runs in the same conditions (data not shown).

The main objective for downstream purification is to
remove process and product-related impurities. As shown in
Figure 5, regardless of batch, continuous, or integrated mode,
the chromatography steps for all processes were able to remove
high molecular weight (HMW) species, host cell proteins
(HCP), DNA, and residual Protein A (rProA) to acceptable
levels according to the DS specifications. In general, impurity
levels at the final ultrafiltration/diafiltration (UF/DF) step were
slightly lower for Processes B and C compared to Process
A. Notably, despite increasing upstream VCD profiles from
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Process A to B to C (Figure 2(c)), the impurity profiles for the
intensified Process C were reliably controlled to be similar to or
below that for Processes A and B (Figure 5).

Quality attributes for final formulated DS

Charge variant profiles classified as main peak and acidic
species (expressed in percentages) are critical quality attributes
in the release specifications for final DS. The main peak for
final DS batches from Process B (68.0 = 1.3%) and Process
C (69.4 £ 2.6%) were similar (p = .33, comparing Process B and
C), and significantly higher than that from Process A at
53.4 + 2.7% (p < .0001 compared to Process B, p < .001 com-
pared to Process C) (Figure 6). The acidic species for final DS
batches exhibited a slight, but still statistically significant
decrease from Process B (24.1 + 0.7%) to Process
C (21.1 £ 0.8%, p < .001 compared to Process B). The Process
B and Process C acid species were much lower than that for
Process A at 43.0 £ 2.9% (p < .001 compared to Process B,
P <.0001 compared to Process C) (Figure 6). Even though DS
batches produced from all three processes met the acceptance
criteria for charge variants, Processes B and C have more
charge homogeneity than Process A. Unlike the main peak
and acidic species, levels for the basic species are not included
in the product release specifications, but still monitored as
report results only. Although there was an increasing trend
from Process A (3.6 + 0.5%) to Process B (7.9 + 1.1%, p < .0001,
compared to Process A) to Process C (9.5 + 3.0%, p = .11
compared to Process A, p = .53 compared to Process B), the
trend was not consistently statistically significant.
Furthermore, basic species from all three processes were con-
sidered acceptably low (Figure 6). Further protein character-
ization indicated that the basic species were mainly caused by
C-terminal variants, which are not a critical quality attribute
for this product (data not shown). Therefore, the increase in
basic species from Process A to B to C was concluded to be
acceptable.

For N-linked glycans, GOF was predominant for Process
A (72.3 + 1.8%), B (76.0 + 5.8%, p = .16, compared to Process
A) and C (77.0 £ 0.5%, p < .01 compared to Process A, p = .66
compared to Process B). A statistically significant difference
was detected for GO F between Process A and Process
C. However, the 4.7% difference in average GOF is not expected
to have a meaningful impact on product quality. GO levels for
Process A (5.9 = 0.2%), B (5.0 £ 0.6%, p < .01 compared to
Process A) and C (5.7 + 0.2%, p = .18 compared to Process A,
p = .15 compared to Process B) were also similar, as the range
was less than 1% (Figure 6). There was a decreasing trend in
GI1F from Process A (15.8 + 1.4%) to B (12.6 + 4.8%, p = .13
compared to Process A) to C (5.7 + 0.6%, p < .0001 compared
to Process A, p < .01 compared to Process B). There was also
a decreasing trend in G2F from Process A (1.3 £ 0.2%) to
B (0.8 = 0.5%, p = .13 compared to Process A) to
C (0.3 £ 0.0%, p < .001 compared to Process A, p = .051
compared to Process B). In addition, Man5 increased from
Process A (0.9 £ 0.0%) to B (1.6 = 0.2%, p < .0001 compared
to Process A) to C (3.8 + 0.2%, p < .01 compared to Process A,
p < .0001 compared to Process B) (Figure 6). However, there
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were no new N-linked glycan species identified with the pro-
cess changes. GIF (<16%), G2F (<2%), and Man5 (<4%) are
low in abundance for all three processes. Goetze et al. reported
that mAbs with non-Man5 and 5% Man5 exhibited little dif-
ference in half-life in human.” It should be noted that Man5,
GI1F, and G2F are not expected to have any effect on the
mechanism of action, as antibody-dependent cell-mediated
cytotoxicity and complement-dependent cytotoxicity are not
involved for this specific mAb. Therefore, changes in glycosy-
lation species for different processes were not expected to affect
half-life for this mAb, and N-linked glycan profiles were con-
sidered acceptable for process changes from Process A to
Bto C.

Product purity determined by size exclusion chromatogra-
phy (SEC) from Process B (99.1 = 0.1%) and Process
C (99.1 £ 0.0%) were similar (p = .33, comparing Process
B and Process C), and statistically higher than that from
Process A (98.2 + 0.4%, p < .01 compared to Process B,
p = .01 compared to Process C). However, the range for average
monomer values (98.2-99.1) indicates that all three processes
were similar (Figure 6). The level of HMW species did not vary
significantly between Process A (1.4 * 0.5%), Process
B (0.8 £ 0.1%, p = .06, compared to Process A), and Process
C (0.9 £0.0%, p = .09 compared to Process A, p = .06 compared
to Process B). The level of LMW species was very low among
the different processes (<0.2%), and was below the limit of
quantitation for several Process A and Process C clinical man-
ufacturing batches. This precludes a thorough statistical com-
parison. However, the level of LMW species can be considered
comparable and low for all processes from the standpoint of
product purity.

Potencies as determined by enzyme-linked immunosorbent
assay (ELISA) were similar for Process A (102 = 5.8%),
B (96 £ 7.5%), and C (108 + 3.1%) (Figure 6). In addition,
HCP, DNA, and rProA in final-formulated DS batches by the
three different processes were all low and well under the accep-
tance criteria (Figure 5). These analytical comparability results
support the conclusion that quality attributes conformed to the
acceptance criteria in the specifications for DS manufactured
by Processes A, B, and C were comparable.

Table 1. Assumptions for COG Analysis.

Item Value

Upstream consumables Media, filters (including ATF), probes and bags

(including single-use bioreactors)

Downstream Resins, buffers, filters, and bags
consumables

Bioreactor scale
Upstream titer

Downstream step yield

2000 L
GMP manufacturing average
GMP manufacturing average

Clinical manufacturing 30 kg
DS output

Commercial 300 kg
manufacturing DS
output

Protein A resin 50
maximum cycle

AEX resin maximum 100
cycle

CEX maximum cycle 100

UF/DF filter cycle 3
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Figure 7. Consumables (resins, filters, bags, media, buffers, and probes) costs for Process A, Process B, and Process C assumed to be all at 2000-L bioreactor scale: (a)
upstream and downstream; step costs for (b) 30 kg and (c) 300 kg DS output, respectively; (d) breakdown cost.

Biomanufacturing COG analysis

To illustrate the benefits for these productivity improvements
on process economics, a COG analysis was performed to com-
pare upstream and downstream costs per gram of final DS for
Processes A, B, and C. It should be noted that, to compare the
benefits of operational efficiency, this COG analysis only con-
sidered consumable costs (Table 1), while excluding other
factors such as capital investment, labor, plant utilities, and
validation.

Both the upstream and downstream COG were reduced
substantially due to this process evolution and intensification,
with the most significant decrease seen from Process A to
B (Figure 7(a)). Upstream COG reductions were mainly
attributed to a more than 4-fold titer increase and more
than 2-fold media cost reduction from Process A to B and
an additional 2-fold titer increase from Process B to C (Figure
2(e)). Downstream COG reductions were mainly attributed to
substantially higher bioreactor batch output by increased
upstream titer, a more streamlined and intensified chromato-
graphy process, higher viral filter loadings, and a 5-fold
higher DS concentration. This analysis also showed that
upstream COG was independent of the total DS output tar-
gets (i.e., 30 kg and 300 kg) for a given manufacturing scale
(2000-L in this case), whereas the downstream COG became
more favorable for commercial manufacturing than for clin-
ical manufacturing because the resin cost is reduced by its
distribution over more batches. Overall, the upstream COG
and downstream COG were at approximately a 1:1 ratio for
Process A. For the intensified Processes B and C, the
upstream COG reduced more significantly than the

downstream COG, with a relative ratio of 1:3.3-1:4.2 for
clinical manufacturing, and 1:1.6-1:2.1 for commercial man-
ufacturing. The cost breakdown in Figure 7(b-d) shows
a detailed comparison of different consumables for
upstream/downstream unit operations and provides useful
insights into the evolution of biomanufacturing supported
by rational analysis of process economics.

Discussion

This case study is the first report of a hybrid, intensified
biomanufacturing process (e.g., Process C) for mAb produc-
tion successfully implemented at the 2000-L scale. The final
manufacturing process includes upstream fed-batch intensifi-
cation utilizing N-1 perfusion®® and downstream intensifica-
tion by MCC Protein A capture’>' and integrated AEX-CEX
polishing steps.”” Process C achieved much higher upstream
titer on par with the best fed-batch titer reported in
literature””>>>* and greater downstream productivity than
the original Process A (conventional manufacturing scheme).
In addition to common upstream titer improvement strategies,
e.g., cell line engineering, medium development, and process
parameter optimization, increasing SDs by enriched N-1 seed
culture (Process B) and perfusion N-1 (Process C) all played
critical roles. It should also be noted that, although Process
C achieved about 100 x 10° cells/mL at N-1 step with perfusion
process and much higher peak VCD at fed-batch production
compared to Processes A and B, oxygen demand of the high-
cell-density culture at manufacturing scale can be easily met by
simply sparging pure oxygen by cascade control under



constant agitation, while maintaining constant air sparging for
CO, stripping.

For the downstream part of the process, the main differ-
ences between conventional Process A and streamlined Process
B include Protein A resin change from PR1 to PR2, AEX resin
change from AR1 to AR2, and CEX change from bind-elute to
flow-through operation. These downstream changes resulted
in significant increases in resin binding capacity and through-
put. Furthermore, the MCC Protein A step of Process
C significantly increased capture productivity, and decreased
buffer consumption and resin volume, while the integrated
AEX-CEX operation effectively reduced processing times and
eliminated the need for intermediate pooling and load adjust-
ment steps that were required for batch AEX and CEX steps.

Although substantial upstream titer (Figure 2(e)) and
downstream productivity increases were achieved by process
changes from Process A to B to C, the quality attributes for the
final DS batches manufactured by all three processes were
comparable (Figure 6). As presented in the Results section,
most of the quality attributes were similar if not better, and
the differences of other quality attributes were deemed accep-
table among the three processes. It has been reported in the
literature that high titer processes achieved by process intensi-
fication with increased VCD resulted in higher impurities such
as HCP.®*® In this report, we demonstrated that the standard
three-chromatography downstream steps, either batch
(Processes A and B) or semi-continuous scheme (Process C),
were able to achieve satisfactory impurity removal (Figure 5).
Previous studies on the viral clearance capability of continuous
chromatography have shown that alternate modes of capture
do not affect this capability of viral removal.’®>” The AEX step
in these processes remains unchanged in how load material is
applied (i.e., directly from an intermediate pool, and not
directly from a prior column eluate), and so its viral removal
capability would not differ for this robust viral clearance step.
Therefore, quality attributes can be reliably controlled for
intensified fed-batch manufacturing processes.

In conclusion, the case study presented here for the evolu-
tion of a fed-batch process from conventional to a hybrid,
intensified processing scheme was achieved with substantial
titer improvement by intensified seed culture strategies applied
to upstream steps and significant improvement of resin bind-
ing capacity, productivity, and throughput by continuous or
semi-continuous chromatography operations in downstream
steps. The intensified processes were robust and successfully
scaled up in clinical manufacturing with significant COG
reduction. The in-process and final DS quality attributes were
comparable for different processes.

Materials and methods

Three different biomanufacturing Processes, A, B, and C were
used for the same mAD production in different GMP facilities,
as summarized in Figure 1. Process A was the first process used
in biomanufacturing for DS supply for a Phase 1 clinical trial.
To improve manufacturing efficiency, Process A was replaced
by Process B, and then by Process C (Figure 1). Proprietary
chemically defined seed expansion, basal, and feed media were
used with increased nutrient concentrations to accommodate
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the increasingly higher SD from Process A to B to
C. Additional process details are described in detail below.

Upstream

For Process A, the recombinant CHO cell line (CHO1), which
has the endogenous GS gene and was engineered by using GS
as selectable marker, was used for vial thaw and seed expan-
sion in a chemically defined basal medium B1. Cells were
passaged every 3-4 days prior to N-2 seed. N-2 batch seed
culture was run in a 50-L wave bioreactor (GE Healthcare)
with a 25 L working volume and a SD of 0.4 x 10° cells/mL.
Temperature was set to 36.5°C. Rocking speed was controlled
at 20 rpm with a 6° rocking angle. Air and CO, gas flow rates
were properly controlled to ensure good cell growth with
a final VCD targeted at 2.5-5 x 10° cells/mL and cell viability
at >90% on day 3-4. N-1 batch seed culture was run in a 250-
L disposable single-use bioreactor (Thermo Fisher Scientific)
with a 130 L working volume and a SD of 0.4 x 10° cells/mL.
Temperature was maintained at 36.5°C. pH was set to 7.0 and
was controlled using either carbon dioxide sparge or sodium
carbonate addition. Dissolved oxygen was set to 30%. A final
VCD was targeted at 2.5-5 x 10° cells/mL and cell viability at
>90% on day 3-4. A conventional fed-batch production
(Process A) was run in 1000-L disposable single-use bioreac-
tor (Thermo Fisher Scientific) with an initial 580 L working
volume including B1 basal medium and a SD of 0.5 x 10°
cellsymL. Temperature was maintained at 36.5°C for the
entire duration. pH was set to 7.0 and was controlled via
carbon dioxide or sodium carbonate addition, as needed.
Agitation was set to 60 rpm. Dissolved oxygen was set to
30% by cascade control of oxygen. Top air, bottom air, and
nitrogen were applied to control CO, below 100 mmHg dur-
ing the run. A proprietary feed F1 was initiated from day 3
and was fed daily by a single bolus addition for the run
duration. The cell culture was harvested with about 970 L
final volume by depth filtration on day 20 post inoculation or
when cell viability dropped to below 70%, whichever condi-
tion was met first. The harvested bulk was then clarified by
0.22 pm filtration.

For Process B, the recombinant CHO cell line (CHO2) with
GS knockout (GS™"), was used for vial thaw and seed expan-
sion in a chemically defined basal medium B2. Cells were
passaged every 3 days prior to N-2 seed inoculation. The N-2
batch seed culture was run in a 50-L wave bioreactor (GE
Healthcare) with a 25 L working volume and a SD of
0.7 x 10° cells/mL. Temperature was set to 36.5°C. Rocking
speed was controlled at 26 rpm with a 7° rocking angle. Air and
CO, gas flow rates were properly controlled to ensure good cell
growth with a final VCD targeted at 6-10 x 10° cells/mL and
cell viability at >90% on day 3. The N-1 batch seed culture was
run in a 200-L disposable bioreactor (Xcellerex, GE
Healthcare) with a 200 L working volume including an
enriched B2 basal medium and a SD of 1.0 x 10° cells/mL.
Temperature was maintained at 36.5°C. pH was set to 7.2 and
was controlled using either carbon dioxide sparge or sodium
carbonate addition, as needed. Agitation was set to 100 rpm.
Dissolved oxygen was set to 40%. A final VCD was targeted at
12-18 x 10° cells/mL and cell viability at >90% on day 4. An
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intensified fed-batch production (Process B) inoculated with
the enriched N-1 seed was run in a 1000-L disposable bioreac-
tor (Xcellerex, GE Healthcare) with 700 L initial working
volume containing the enriched B2 basal medium and with
a SD of 3 x 10° cells/mL. Temperature was initiated at 36.5°C
with a temperature shift to 32.0°C from day 5 on. pH was set to
7.2 and controlled using carbon dioxide sparge or sodium
carbonate addition, as needed. Agitation was set to 90 rpm.
Top air was set to 6 LPM, while bottom air was set to 3 LPM.
Dissolved oxygen was set to 40% by cascade control of oxygen.
A proprietary feed F2 was initiated from day 4 and was fed
daily by a single bolus addition for the rest of the duration. The
cell culture was harvested with about 900 L final volume by
depth filtration on day 14 post inoculation. The harvested bulk
was then clarified by 0.22 um filtration.

For Process C, the same CHO2 (GS™") cell line was used for
vial thaw and seed expansion in the B2 basal medium. Cells
were passaged every 3 days prior to N-2 seed inoculation.
N-2 perfusion seed culture was run in a 50-L wave bioreactor
(GE Healthcare) with a 25 L working volume containing the B2
basal medium and a SD of 2.3 x 10° cells/mL. The perfusion
wave bioreactor was equipped with a 0.2-um filter to remove
the spent culture medium while retaining the cells. Perfusion
was initiated on day 1 with fresh B2 medium continuously
added (media-in) and spent culture medium withdrawn
(media-out) at the same rate through peristaltic pumps for
media exchange. The perfusion rate was controlled in the step-
wise mode with 0.5 vessel volume per day (VVD) from day 1
to day 3 and 1 VVD from day 3 to day 4. Temperature was set
to 36.5°C. Rocking speed was controlled at 28 rpm with a 7°
rocking angle. Air and CO, gas flow rates were properly con-
trolled to ensure good cell growth with a final VCD targeted at
26-42 x 10° cells/mL and cell viability at >90% on day 4.
N-1 perfusion seed culture was run in a 500-L disposable
bioreactor (Xcellerex, GE Healthcare) with a 195 L working
volume containing the B2 medium and with a SD of 3.3 x 10°
cells/mL. A single-use XCELL™ ATF 6 unit (Repligen) was
connected to the 500-L bioreactor to perfuse the culture. Fresh
B2 medium was continuously added while spent culture med-
ium was continuously removed at the same rate. Perfusion rate,
started on day 1 at 0.04 nL/cell/day, was controlled as
a function of VCD as measured by an online capacitance
probe (Hamilton). Temperature was maintained at 36.5°
C. pH was set to 7.2 and controlled via carbon dioxide or
sodium carbonate addition, as needed. Agitation was set to
100 rpm. Air overlay was set to 2.9 LPM, while bottom air
was set to 1.0 LPM. Dissolved oxygen was set to 40% by cascade
control of oxygen. A final VCD was targeted at 90-120 x 10°
cells/mL with >90% cell viability on day 6. An intensified fed-
batch production (Process C) inoculated with the perfusion
N-1 seed was run in a 2000-L disposable bioreactor (Xcellerex,
GE Healthcare) with an initial 1210 L working volume contain-
ing a B3 basal medium and with a SD of 16 x 10° cells/mL.
Temperature was initiated at 36.5°C with a temperature shift to
32.0°C from day 3 on. pH was set to 7.2 and controlled via
carbon dioxide or sodium carbonate addition, as needed.
Agitation was set to 90 rpm. Air overlay was set to 13.3 LPM,
while bottom air was set to 25 LPM. Dissolved oxygen was set
to 40% by cascade control of oxygen. A proprietary feed F3 was

initiated from day 2 and fed daily by a single bolus addition for
the rest of the duration. The cell culture was harvested with
about 1800 L final volume by depth filtration on day 14 post
inoculation. The harvested bulk was then clarified by 0.22 pm
filtration.

In-process cell culture assays were performed as follows.
Cell culture broth was sampled from the bioreactor daily and
was directly analyzed for gases, cell count, nutrients, and meta-
bolites. Offline pH, pCO,, and pO, were measured using
a BioProfile pHOx analyzer (Nova Biomedical). VCD and cell
viability were quantified off-line using a Vi-CELL XR auto-
matic cell counter (Beckman Coulter). Glucose, glutamine,
glutamate, lactate, and ammonia were quantified using
a BioProfile FLEX analyzer (Nova Biomedical).

Titer was analyzed using a Protein A UPLC method. The
normalized titer, expressed as normalized weight/L, is equal to
the true titer (g/L) at each time point divided by the average
titer of Process C on day 14. Standard deviations were calcu-
lated based on the original titer values. The standard deviations
were then normalized by the same factor as the titer values.
Cell-specific productivity (normalized weight/cell/day) was
calculated based on the true titer at each time point divided
by the integrated VCD at the same time point. These values
were then normalized to the maximum daily cell-specific pro-
ductivity observed for Process C. Standard deviations were
calculated based on the original cell-specific productivity
values. The standard deviations were then normalized by the
same factor as the cell-specific productivity values.

Downstream

For Process A, Protein A chromatography was performed for the
primary capture step using PR1 with a maximum loading capa-
city of 34 g/L;egin. A 14-L column was used to process approxi-
mately 1000 L of harvested cell culture fluid over 4 cycles.
Protein A eluate was pooled and held at low pH in order to
inactivate enveloped viruses, and then neutralized to an inter-
mediate pH. Depth filtration was performed on the neutralized
pool in order to remove insoluble particulates that formed due to
isoelectric precipitation. AEX (AR1) and CEX (CR) were then
performed in sequence with maximum loadings of 70 g/L,egn
and 60 g/L,en, respectively. AEX was performed in a flow-
through mode, allowing for capture of trace impurities while
the product was pooled and CEX was operated in a bind-elute
mode. A total of two cycles for each AEX and CEX steps were
required to process the Protein A viral-inactivated pool using
a 14-L column for each step. Viral filtration was performed on
the CEX pool, followed by UF/DF in order to achieve a final DS
concentration of 20 g/L. Final formulation and fill completed the
downstream process for DS before packaging and shipment.
For Process B, the downstream process was mainly the same as
above. However, there were two main changes to the chromato-
graphy materials that were used for the Protein A and AEX steps.
PR2 was utilized to increase the protein loading for the Protein
A step from a maximum of 34 to 50 g/L,en, This allowed for the
same throughput of product over two cycles of Protein
A chromatography versus the four that were required in Process
A, greatly reducing the cadence of the capture step. Due to the
larger product output from the upstream part of Process B,



a single Protein A column was packed to a 71 L total volume. AR2
was used to replace AR1, which allowed for an increase in the
maximum loading capacity from 70 to 500 g/L,, while still
operating in flow-through mode. A single 18-L AEX column
was used to process the Protein A viral-inactivated pool in
a single cycle per batch due to the increased loading capacity.
Additionally, the mode of operation of the CEX column was
changed from bind-elute to flow-through mode. This allowed
for an increase in maximum loading capacity from 60 to
250 g/Lesin, in which the AEX pool could be processed in one
cycle with a 31-L CEX column. Viral filtration was performed on
the CEX pool, followed by UF/DF in order to achieve a final DS
concentration of 100 g/L.

For Process C, the downstream process had two more major
changes over Process B: (1) Two columns of size between 13.8
and 15.7 L packed with PR2 resin were used in the Protein
A step in cyclic mode for a maximum of 75 g/L,., to process
approximately 2000 L of harvested cell culture fluid. This
resulted in a significant reduction of resin cost, but a similar
or slightly better productivity compared to the Protein A step
of Process B. (2) In the polishing step, a 34-L AR2 column was
linked with a 58-L CR column in flow-through mode, which
allowed for a loading capacity of maximum 500 g/L,.q, for
AEX and maximum 250 g/L,., for CEX. This integrated AEX-
CEX step processed the Protein A viral-inactivated pool in
a single cycle per batch, while reducing the processing time
by almost half, saving human labor, as well as facility occupa-
tion time.

Quality attribute assays

Similar methods as described in our previous report'® were used
for in-process quality attributes. Prior to in-process quality
measurements, the supernatant samples were purified by
Protein A chromatography. These samples were then run for
several in-process tests as follows. The HCP and rProA analyses
were performed using CHO HCP ELISA Kit, 3 G, and Protein
A ELISA Kits, respectively, following manufacturer (Cygnus
Technologies) protocols. DNA analysis was performed using
7500 fast real-time PCR system (Thermo Scientific) with DNA
standard generated from Bristol-Myers Squibb proprietary cell
line and molecular weight heterogeneity by SEC.

In order to confirm the quality of DS, the following methods
were used.'® The percent area of the charge variant species
(acidic, main, and basic) were measured by imaged capillary
isoelectric focusing. N-glycan profiles (e.g., GO, GO F, G1 F,
G2 F, and Man5) were measured using a commercially avail-
able RapiFluor-MS N-Glycan kit from Waters. SEC was used to
measure percent areas for main (monomeric)), HMW and
LMW species. Potency of the final DS was measured by
a molecule-specific ELISA method.

COG analysis

The COG analysis for manufacturing focused primarily on
consumables (e.g., media, resins, bufters, filters, probes, and
bags) (Table 1). For the purpose of objective comparison,
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the production bioreactor for all three processes was
assumed to be at 2000-L scale, as used in Process C. All
upstream and downstream equipment and consumables
were properly adjusted for Processes A and B, for which
GMP manufacturing was performed at 1000-L scale. To
adjust Process A and Process B to the 2000-L production
scale, a process model was built based on the 1000-L
manufacturing data. Scale-independent process parameters
(e.g., titer and yield) were based on the 1000-L scale pro-
cesses. The upstream titer and downstream step yield of
each unit operation used in the COG analysis was based on
the actual GMP manufacturing average for the three pro-
cesses individually. Scale-dependent consumables (e.g.,
media, probes, buffers, bags, filters, and resins) were
adjusted accordingly to maintain operational similarity
between the two scales. Specifically, media, buffer, and
resin consumables were calculated based on their ratios to
initial production volume. Filter, probe, and bag costs were
calculated based on the sizes and quantities outlined in the
process model.

The total DS output was assumed as 30 kg for clinical
manufacturing and 300 kg for commercial manufacturing
with the same assumptions of 2000-L scale, upstream titer,
and downstream step yield (Table 1). All of the upstream
process step consumables were determined to be single use
for both clinical and commercial manufacturing. For the
clinical manufacturing scenario, a single campaign is per-
formed to produce 30 kg DS with resins and UF/DF filters
only being reused within the campaign. For the commercial
manufacturing scenario, targeting 300 kg DS, reusable
resins, and UF/DF filters are replaced when the maximum
cycles defined in Table 1 are reached. Thus, the analysis
assumes the total upstream COG is equivalent for commer-
cial and clinical manufacturing, while the downstream COG
varies depending on the manufacturing campaign scenario.
Consumables costs were added together to calculate the
total cost of each step for a single batch of Processes A,
B, and C. The COG for each process or each step were then
normalized to the Process C total upstream (vial thaw
through production bioreactor) COG to produce Figure 7.

Statistical analysis

Unless otherwise noted, data presented in the figures are sam-
ple means with standard deviations. Student’s ¢-test analysis
was performed using JMP software with the significance level
set at p value < .05.
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Abbreviations

AEX anion exchange chromatography

AR1 AEX resin1

AR2 AEX resin2

ATF alternating tangential filtration

CEX cation exchange chromatography

CHO Chinese Hamster Ovary

CoG cost of goods

CR CEX resin

DS drug substance

ELISA enzyme-linked immunosorbent assay

GS glutamine synthetase

HCP host cell proteins

HMW high molecular weight

LPM liter per minute

mAb, monoclonal antibody

MCC multi-column chromatography

PR1 Protein A resin1

PR2 Protein A resin2

rProA residual Protein A

SD seeding density

UF/DF ultrafiltration/diafiltration

VCD viable cell density

VF viral filtration

Vi low pH viral inactivation
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